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Membrane distillation is a cost effective solution for the treatment of high salinity wastewater 
where reverse osmosis is not feasible, especially if waste heat is utilized for its operation. One such 
example of high salinity wastewater is produced water generated as a consequence of hydraulic 
fracturing used for natural gas extraction from unconventional onshore resources. The objective 
of this study was to evaluate the feasibility of treating such high salinity wastewaters by employing 
membrane distillation while using waste heat as a source of energy to drive the process and by 
using produced water as an example wastewater. When commercially available membranes were 
tested in a direct contact membrane distillation (DCMD) system, the membranes exhibited 
excellent rejections of ions with no flux degradation due to fouling. However, it was found that 
concentration polarization (CP) was significantly higher when treating high salinity feed water and 
the CP effect could not be accurately estimated using current methods of calculation. Based on lab 
scale studies, an ASPEN Plus simulation was developed to simulate the operation of large scale 
systems and estimate energy requirements of the DCMD process to treat produced water in the 
state of Pennsylvania by using exhaust stream of Natural Gas Compressor Station (NG CS) as the 
waste heat source. The results from this study suggested that the waste heat available from NG CS 
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is sufficient to treat all the produced water generated in Pennsylvania regardless of its initial 
salinity.  
In an attempt to study the effect of concentration polarization that was found to be 
significant during DCMD tests with produced water, and has been neglected in most membrane 
distillation studies, a novel spatially resolved non-intrusive spectrophotometric method was 
developed to measure the concentration profile of solute near the membrane surface in a direct 
contact membrane distillation system. The objective was to probe the concentration profile of 
solute and analyze the impact of operating parameters, such as feed concentration, hydrodynamic 
conditions and feed temperature, on the solute concentration profile in the boundary layer. A key 
finding of this study is that the conventional approach of estimating the effect of concentration 
polarization severely under predicts the boundary layer thickness (BLT) and concentration 
polarization coefficient (CPC). The results of this study highlight the need to develop new methods 
to estimate the BLT and CPC as the conventional approach of mass transfer analogy of heat 
transfer does not agree with experimental observations obtained for a membrane distillation 
system. 
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1.0  INTRODUCTION 
1.1 WASTEWATER FROM HYDRAULIC FRACTURING 
The use of hydraulic fracturing techniques to extract oil and natural gas from different formations 
has been assessed since the 1950s, while horizontal drilling has been used to produce oil since the 
early 1980s. These techniques were combined in the early 2000 to achieve successful large-scale 
natural gas productions from the Barnett Shale in Texas. Over the past few years, these 
technological advancements allowed access to vast quantities of natural gas from reservoirs that 
were previously considered uneconomical. In the United States, natural gas production increased 
from 0.3 trillion cubic feet in 2000 to 9.6 trillion cubic feet in 2012 [1].  U.S. has become a natural 
gas exporter in 2017 and it is expected to continue to export more natural gas than it imports 
throughout 2018 [2, 3]. Unconventional shale gas is a promising energy resource with major 
economic benefits but is accompanied by a host of environmental challenges, including increased 
level of methane emissions at shale gas production sites [4, 5], and the potential for drinking water 
[6] and groundwater contamination [7]. One of the critical challenges for this industry is the 
management of vast quantities of high salinity wastewater generated in the process of hydraulic 
fracturing [8]. 
During hydraulic fracturing, a mixture of water and chemicals (Table 1.1) known as 
fracturing fluid [9] is injected in a horizontal well to fracture the formation rock, increase its 
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permeability and facilitate flow of oil and gas into the well. After the pumping pressure is relieved, 
some of the fracturing fluid mixed with the formation water returns to the surface. This water is 
typically designated as flowback water [10] and is collected over a period of 2-3 weeks with a total 
volume ranging from 10-40% of the fracturing fluid volume [11]. Figure 1.1 shows how the 
quantity and quality of flowback water changes over time. Wastewater continues to be produced 
throughout the lifetime of the well but at a rate that is much lower than during the flowback period. 
This wastewater is known as produced water [10] and is characterized by high concentration of 
total dissolved solids (TDS) and presence of organic compounds [12]. The composition of 
produced water depends on the well location and it varies during the lifetime of the well [13]. 
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Table 1.1 Common chemical additives for hydraulic fracturing [14] 
Additive type Example compounds Purpose 
Acid Hydrochloric acid 
Cleaning of wellbore, dissolving minerals 
and initiate cracks in the rock 
Friction reducer 
Polyacrylamide, petroleum 
distillate 
Minimize friction between the fluid and 
pipe 
Corrosion 
inhibitor Isopropanol, acetaldehyde Prevent corrosion of pipes 
Iron control Citric acid, thioglycolic acid Prevent the precipitation of metal oxides 
Biocide 
Glutaraldehyde, 2,2-
dibromo-3-
nitrilopropionamide Control bacteria 
Gelling agent 
Guar/xanthan gum or 
hydroxyethyl cellulose Water thickener to suspend sand 
Crosslinker Borate salts 
Increase fluid viscosity at high 
temperatures 
Breaker 
Ammonium persulfate, 
magnesium peroxide Promote breakdown of gel polymers 
Oxygen 
scavenger Ammonium bisulfite 
Remove oxygen from the liquid to reduce 
corrosion of pipes 
pH adjustment 
Potassium or sodium 
hydroxide or carbonate 
Maintain the pH for other compounds to 
retain effectiveness 
Proppant  Silica quartz sand Keep fractures open 
 4 
 
Figure 1.1 Total dissolved solids (TDS) and flowback volume in the early stage of well completion [15]. 
1.2 CURRENT TREATMENT/DISPOSAL STRATEGIES 
Marcellus Shale (Figure 1.2) is a major natural gas (NG) reservoir with steadily increasing 
production since 2008 that currently accounts for about 40% of the total U.S. shale gas production 
[16]. Natural gas extraction from Marcellus shale in Pennsylvania, West Virginia and Ohio is 
accompanied by large amounts of produced water that contains high total dissolved solids (TDS). 
Figure 1.3 shows shale gas production in different shale plays in the U.S. from 200-2016 [17]. 
Future extraction of shale gas requires economical management of wastewater while also 
minimizing potential environmental impacts. Produced water injection into Class II Underground 
Injection Control (UIC) wells is the dominant management alternative in many shale plays with 
sufficient disposal capacity [10, 18, 19].  There are a total of about 144,000 Class II disposal wells 
in the U.S. with the majority of wells located in Texas (50,000 wells), California, Kansas, and 
Oklahoma [20]. Salt water disposal (SWD) wells account for 20% of total disposal wells of which 
12,000 are located in Texas, 800 in Oklahoma, and only 8 in Pennsylvania [20]. In the Marcellus 
shale region, the average cost of produced water transportation from the well site in Pennsylvania 
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to injection wells in Ohio or West Virginia ranges from 10 to 20 $/barrel (bbl) [21, 22].  In addition, 
the costs associated with deep-well injection is estimated at $1/bbl [21]. Lack of sufficient disposal 
capacity in Pennsylvania requires the development of alternative approaches for management of 
high TDS produced water [23]. In areas of limited disposal capacity (e.g., Pennsylvania) or where 
water resources are stressed (e.g., Texas and Oklahoma), reuse and recycling of produced water is 
an attractive alternative to direct underground injection of produced water. Recent studies have 
also documented concerns over induced seismic activities due to deep-well injection [24-27], 
further emphasizing the need for the development of innovative management strategies for 
produced water to avoid unintended environmental consequences. Management strategies such as 
injecting wastewater into disposal wells, residual waste processing and reuse, roadspreading, and 
landfilling that are currently used in Pennsylvania may not guarantee the long-term sustainability 
of shale gas development [28].  
 
 6 
 
Figure 1.2. Structure map of Marcellus formation 
 
Figure 1.3. U.S. Energy Information Administration (EIA) official shale gas production data through July 2016. 
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1.3 MEMBRANE DISTILLATION 
Desalination has emerged as a promising solution to address the world’s water scarcity problem 
by removing dissolved salts from saline or brackish water, thus making it applicable for a number 
of water sources and uses [29, 30]. Membrane-based processes such as reverse osmosis (RO) and 
electrodialysis (ED) and thermal processes such as multi effect distillation (MED), multi stage 
flash (MSF), and mechanical vapor recompression (MVR) are the two main categories of 
commercial desalination technologies with RO and MSF accounting for 78% of the desalination 
capacity worldwide [31]. However, RO is limited to about 70,000 mg/l of total dissolved solids 
(TDS) in the feed as the hydraulic pressure required for RO systems can be up to 380 bar at the 
solubility limit of sodium chloride [32]. Among thermal based desalination technologies, 
membrane distillation (MD) shows the most promising performance for desalination of high 
salinity wastewaters [33]. Over the past two decades, there have been noticeable improvements in 
the design of membranes and technical performance of this technology [34]. Prior studies have 
shown that MD has the potential to achieve up to 99.9% of salt rejection [35-38] and 99.5% 
rejection of organic materials [39, 40].  These characteristics make MD one of the most promising 
technologies for treatment of high salinity wastewaters.   
Membrane distillation operates at near ambient pressure and requires significantly lower 
capital investment [29]. Desalination of saline waters using different configurations of membrane 
distillation has been studied extensively [41-45]. With low operating temperatures, relatively low 
fouling propensity and lower energy requirements for pumping compared to pressure driven 
membrane processes, membrane distillation may be an attractive alternative for treatment of high 
salinity wastewaters. MD has been shown to be effective in removing heavy metals from 
wastewater [46] and concentrating radioactive waste [47] so that the concentrate could be disposed 
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safely. Direct Contact Membrane Distillation (DCMD), where both the hot feed and the 
recirculating cold permeate are in direct contact with the membrane, has been evaluated for 
desalination of sea water [35, 42, 48] as well as fruit juice concentration [49-51] and acid recovery 
[52].  
1.4 RESEARCH OBJECTIVES AND THESIS LAYOUT 
The current research aims to study the feasibility of membrane distillation to treat high salinity 
brines with an emphasis on understanding the fundamentals of the process. The work aims to: 1) 
study the effect of membrane fouling when treating real produced water brines while focusing on 
membrane selection from different commercially available hydrophobic microfiltration 
membranes; 2) validate the idea of using waste heat to drive membrane distillation for treatment 
of produced water through a case study in Pennsylvania; 3) develop a technique to probe the 
concentration profile of solute near the membrane surface; 4) evaluate the effect of different 
operating parameters on concentration polarization and validate the conventional approach of 
estimating concentration polarization effect through semi-empirical correlations. 
The first chapter provides a brief introduction of produced water, its origin and current 
efforts to manage this challenging wastewater along with an introduction to membrane distillation. 
The research described herein is laid out in a chapter wise manner from Chapter 2 to 6, where the 
chapters are transcribed in standard research article format. Finally, a short summary covering the 
entire work is described in Chapter 7 followed by the future directions of this work in Chapter 8.  
 9 
2.0  FOULING IN DIRECT CONTACT MEMBRANE DISTILLATION OF 
PRODUCED WATER FROM UNCONVENTIONAL GAS EXTRACTION 
Hydraulic fracturing used for natural gas extraction from unconventional onshore resources 
generates large quantities of produced water that needs to be managed efficiently and economically 
to ensure sustainable development of this industry. Membrane distillation can serve as a cost 
effective method to treat produced water due to its low energy requirements, especially if waste 
heat is utilized for its operation. This study evaluated the performance of commercially available 
hydrophobic microfiltration membranes in a direct contact membrane distillation system for 
treating very high salinity (i.e., up to 300,000 mg/L total dissolved solids) produced water. 
Polypropylene and polytetrafluoroethylene membranes yielded the highest permeate flux with 
membrane distillation coefficient of 5.6 l/m2/hr/kPa (LMH/kPa). All membranes showed excellent 
rejection of dissolved ions, including naturally occurring radioactive material (NORM), which is 
a significant environmental concern with this high salinity wastewater. Analysis of membranes 
after extended testing with actual produced waters revealed unevenly distributed inorganic 
deposits with significant iron content. A key finding of this study is that the iron oxide fouling 
layer had negligible effect on membrane performance over extended period of time despite its 
thickness of up to 12 μm. The results of this study highlight the potential for employing membrane 
distillation to treat high salinity wastewaters from unconventional gas extraction. 
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2.1 INTRODUCTION 
The use of hydraulic fracturing techniques to extract oil and natural gas from different formations 
has been assessed since 1950s, while horizontal drilling has been used to produce oil since the 
early 1980s. These techniques were combined in the early 2000 to achieve successful large-scale 
natural gas productions from the Barnett Shale in Texas. Over the past few years, these 
technological advancements allowed access to vast quantities of natural gas from reservoirs that 
were previously considered uneconomical. In the United States, natural gas production increased 
from 0.3 trillion cubic feet in 2000 to 9.6 trillion cubic feet in 2012 [1] and it is projected that the 
US will become a net natural gas exporter by 2017 [2]. Despite these economic benefits, the 
extraction of oil and gas from unconventional reservoirs has potential drawbacks, including 
methane leaks [9, 53], contamination of surface waters [54] and production of highly contaminated 
wastewater [10, 55]. 
Water management has become a key issue for the future of this industry. During hydraulic 
fracturing, a mixture of water and chemicals known as fracturing fluid [9] is injected in a horizontal 
well to fracture the formation rock, increase its permeability and facilitate flow of oil and gas into 
the well. After the pumping pressure is relieved, some of the fracturing fluid mixed with the 
formation water returns to the surface. This water is typically designated as flowback water [10] 
and is collected over a period of 2-3 weeks with a total volume ranging from 10-40% of the 
fracturing fluid volume [11]. Wastewater continues to be produced throughout the lifetime of the 
well but at a rate that is much lower than during the flowback period. This wastewater is known 
as produced water [10] and is characterized by high concentration of total dissolved solids (TDS) 
and presence of organic compounds [12]. The composition of produced water depends on the well 
location and it varies during the lifetime of the well [13]. Currently, many of the shale plays rely 
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on underground injection for the disposal of flowback and produced water [56]. This option is 
increasingly being scrutinized by both public and regulatory agencies because it has been 
associated with seismic activity [24]. An alternative strategy is to develop desalination 
technologies for the recovery of clean water and valuable byproducts. 
Reverse osmosis is the most studied desalination process in the past few decades [57] and 
accounts for about 61% of the world’s capacity for seawater and brackish water desalination [58]. 
However, the hydraulic pressure required to use reverse osmosis can be up to 380 bar at the 
solubility limit of sodium chloride [32]. Membrane distillation operates at near ambient pressure 
and requires significantly lower capital investment [29]. Desalination of saline waters using 
different configurations of membrane distillation has been studied extensively [41-45]. With low 
operating temperatures, relatively low fouling propensity and lower energy requirements for 
pumping compared to pressure driven membrane processes, membrane distillation may be an 
attractive alternative for treatment of high salinity wastewaters. Due to low operating temperatures, 
MD could be employed using solar energy or waste heat to increase the temperature of the feed 
solution [59]. MD has been shown to be effective in removing heavy metals from wastewater [46] 
and concentrating radioactive waste [47] so that the concentrate could be disposed safely. Direct 
Contact Membrane Distillation (DCMD), where both the hot feed and the recirculating cold 
permeate are in direct contact with the membrane, has been evaluated for desalination of sea water 
[35, 42, 48] as well as fruit juice concentration [49-51] and acid recovery [52].  
Several studies evaluated the use of MD to treat high salinity produced water from steam 
assisted gravity drainage process [60-62], oilfield produced water [63], coal seam gas produced 
water [64, 65] and produced water generated from natural gas exploration [66]. The feed water 
used in these studies had total dissolved solids (TDS) ranging from 4,000 to 70,000 mg/l and was 
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concentrated up to 230,000 mg/l [66]. Depending on the composition of feed water, the desired 
recovery factor and the heat source, the cost of produced water treatment using membrane 
distillation could range from 0.3 to 4.47 $/m3 [60, 63]. However, none of the studies with oil and 
gas produced waters included a comparison of different hydrophobic membranes or discussed the 
potential for membrane fouling by inorganic deposits that are likely to form at high water 
recoveries and after a prolonged period of operation. 
In this study, DCMD was evaluated for treatment of high salinity wastewaters from 
unconventional gas extraction. Initial screening of hydrophobic membranes to select the most 
promising ones in terms of mechanical stability and permeability also evaluated the key membrane 
parameters that affect its permeability. The morphology and composition of the inorganic deposit 
formed on the membrane surface when actual produced waters are concentrated up to halite 
saturation was assessed together with its impact on permeate flux and quality. 
2.2 MATERIALS AND METHODS 
2.2.1 DCMD experiments 
All experiments were carried out in a countercurrent DCMD module with a flat sheet membrane. 
The membrane module was made of clear acrylic and could accommodate a flat sheet membrane 
with an effective area of 40 cm2. The module includes two O-rings to seal the membrane that was 
supported by 2 mm thick spacers with porosity of 0.77 supplied by Delstar Technologies 
(Richland, PA). 
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The schematic diagram of the experimental system is shown in Figure 2.1. The feed 
solution was heated by a hot plate equipped with magnetic stirrer and supplied to one side of the 
DCMD module using a centrifugal pump (TE-5C-MD-115V March Pumps, Glenview, IL); 
flexible heating cable was also wound around the feed tank for additional heating capacity. Cool 
deionized water was circulated from the permeate tank on the other side of the membrane by 
centrifugal pump. Temperature of the cold water was maintained at a desired level using a stainless 
steel cooling coil that was immersed in the permeate tank and cooled by a 2.4 kW chiller (M75, 
Thermo Fisher Scientific Inc., Grand Island, NY). The overflow from the permeate tank was 
collected in a separate reservoir and tracked using a weighing balance (Ohaus Corp., Parsippany, 
NJ) while the permeate quality was continuously monitored using a conductivity probe (Thermo 
Fisher Scientific Inc., Grand Island, NY). A set of thermocouples (Type K, Tempco Electric Heater 
Corp., Wood Dale, IL) and pressure transducers (Series 628CR, Dwyer Instruments, Inc., 
Michigan City, IN) was used in conjunction with a data acquisition system (NI 9211 and NI 9207, 
National Instruments, Austin, TX) to continuously monitor the inlet and outlet temperatures and 
inlet pressures on both sides of the DCMD module. Feed and permeate flow rates were 
continuously monitored using flow meters (F-450, Blue-White Industries, Ltd., Huntington Beach, 
CA). It should be noted that the feed and permeate side velocities were maintained at 0.63 m/s 
(flow rate = 1.9 L/min) for all experiments conducted in this study. All pipes and fittings used in 
the system were made of high density polyethylene, polyvinyl chloride, nylon or tygon to avoid 
corrosion problems with metal parts when using high salinity solutions. Experimental results with 
both pure and saline water using the setup were found to be highly reproducible with a maximum 
standard deviation in permeate flux of ± 1 LMH. 
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Figure 2.1. (a) Schematic diagram of the DCMD setup, (b) Bench scale DCMD module. 
2.2.2 Membranes 
Acrylic copolymer with a nylon support (AC), polytetrafluoroethylene with polyester support 
(PTFE 2), polytetrafluoroethylene with polypropylene support (PTFE 3) and polyvinylidene 
fluoride (PVDF) membranes were purchased from Pall Corporation (Port Washington, NY), while 
polypropylene (PP) and polytetrafluoroethylene with polypropylene support (PTFE 1) were 
purchased from Sterlitech Corporation (Kent, WA). The average thickness of each membrane was 
evaluated using scanning electron microscopy (SEM) (JEOL JSM6510, Peabody, MA). The 
membranes were first frozen using liquid nitrogen and cut with a sharp blade. The SEM was used 
to measure the cross section at 10 different points to determine the average thickness of each 
membrane. Contact angle was measured using a goniometer (VCA 2000 contact angle goniometer, 
AST Products Inc., Billerica, MA) and a sessile drop method (contact angle for a 10μl drop was 
measured at three different sites for each membrane).  
Dry and wet gas permeation tests [67, 68] were used to obtain the mean pore size of the 
membranes and their porosity (ε) was evaluated according to the method suggested by Smolders 
and Franken [69] where test with isopropyl alcohol was used to calculate the density of the polymer 
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and test with deionized water was used to calculate the overall density of the membrane. The 
membrane porosity (ε) was then calculated as 
 𝜺 = 𝟏 −
𝒅𝒆𝒏𝒔𝒊𝒕𝒚 𝒐𝒇 𝒎𝒆𝒎𝒃𝒓𝒂𝒏𝒆
𝒅𝒆𝒏𝒔𝒊𝒕𝒚 𝒐𝒇 𝒑𝒐𝒍𝒚𝒎𝒆𝒓
  (1-1) 
Thermal conductivity was measured based on the laser flash technique using NETZSCH 
467 HyperFlash instrument according to Method ASTM E1461-13 [70]. The properties of 
hydrophobic membranes used in this study are summarized in Table 2.1. 
 
Table 2.1. Properties of the membranes used in this study 
Membrane 
Mean 
pore 
size 
(μm) 
Thickness (μm) 
Contact 
angle 
(active 
layer) 
LEP (psi) 
% Porosity of 
membrane 
Thermal 
Conductivity 
(W/mK) Total 
Active 
layer 
Bulk 
Active 
layer 
AC 0.23 215 ± 18 - 135 ± 4.7 23.7 ± 0.5 30 ± 3.1 - 0.105 
PP 0.38 135 ± 5 - 136 ± 1 32 ± 1.7 79 ± 1.8 - - 
PTFE 1 0.21 112 ± 17 20 ± 4 142 ± 2.1 40.3 ± 0.5 42 ± 0.5 92 ± 1.7 0.294 
PTFE 2 0.25 210 ± 12 - 147 ± 3.8 37 ± 1 37 ± 1.8 - - 
PTFE 3 0.24 148 ± 30 60  ± 5 149 ± 3 15.5 ± 1.9 60 ± 6.8 94 ± 1.3 0.242 
PVDF 0.19 145 ± 3 - 107 ± 1.4 14.2 ± 0.7 68 ± 5 - - 
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2.2.3 Produced water 
Produced water samples were obtained from sites in the Marcellus Shale region in Pennsylvania. 
Site 1 was located in Tioga County while Sites 2 and 3 were located in Washington County. Prior 
to characterization, produced water samples from these sites were pretreated by filtration through 
0.22 m membrane to remove suspended solids. The TDS was determined using EPA gravimetric 
method (EPA Method 160.1). Concentration of chloride as the main anion was determined using 
Dionex ICS-1100 ion chromatography (IC) system (Dionex, Sunnyvale, CA) with the IonPac 
AS22 Carbonate Eluent Anion-Exchange Column. Concentrations of cations (except Fe) were 
analyzed using the same equipment with IonPac CS12A Cation-Exchange Column. The total iron 
content was measured using the colorimetric test (Hach Method 10249, Loveland, CO). 
Total organic carbon (TOC) was analyzed using GE Sievers InnovOx Laboratory TOC 
Analyzer (General Electric, Boulder, CO) while Radium 226 activity was measured using gamma 
spectrometer with high purity germanium detector (GEM15P4-70, ORTEC, Oak Ridge, 
Tennessee). For Ra226 analysis, 10 ml of each sample was filtered through 0.22 μm membrane 
and heated at 105oC to evaporate the liquid. Residual solids were crushed and spread evenly across 
a 46-mm Petri dish that was then sealed with vinyl tape and analyzed using gamma spectrometer 
at 186 keV with 24-hr counting period [71, 72].  
The feed water quality assessed according to the methods described above is shown in 
Table 2.2. The TDS in produced water samples obtained for this study ranged from 92,800 to 
308,300 mg/l. These samples also contained significant Ra 226 concentration and fairly low TOC. 
It should be noted that all produced waters used in this study had no detectable sulfate 
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concentration, the presence of which could potentially foul the membrane due to precipitation of 
sulfates of calcium, barium and strontium at high water recoveries [73, 74]. 
The morphology and composition of solids deposited on the membrane surface after 
DCMD experiments with actual produced waters was analyzed using scaning electron microscopy 
(SEM) and energy dispersive spectroscopy (EDS) (JEOL JSM6510, Peabody, MA).  
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Table 2.2. Composition of produced water samples 
Component 
(mg/L) 
Site 1 Site 2 Site 3 
Cl
-
 188,728 63,588 165,580 
Na
+
 81,442 26,427 42,650 
NH
4
+
 1,002 279 - 
K
+
 786 258 209 
Mg
+2
 2,664 675 1,715 
Ca
+2
 32,901 6,523 26,507 
Sr
+2
 11,910 1,620 3,544 
Ba
+2
 6,256 3,743 - 
Fe total 30 10 91 
TDS 308,300 92,800 240,296 
TOC 0 11 19 
*Ra226 17,980 ± 1,100 753 ± 60 3,561 ± 328 
pH (no units) 2.9 7 5.4 
*Ra226 concentration is expressed in pCi/l 
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2.3 RESULTS AND DISCUSSION 
2.3.1 Short term experiments  
The performance of six membranes selected for this study was evaluated in DCMD module 
using actual produced water from unconventional gas well as feed. Initial screening of these 
membranes was carried in a constant concentration mode where the feed concentration was 
maintained at a constant level by recycling the permeate back to the feed reservoir. Testing in 
a constant concentration mode was performed for a period of 3 hours with produced water from 
Site 1 (Experiment 1). As shown in Figure 2.2(a), the permeate flux remained constant 
throughout the experiment. The permeate flux obtained in this study is higher than that reported 
by Adham et al. [75] for PTFE membrane and Criscuoli et al. [76] for PP membrane under 
similar experimental conditions. Figure 2.2(b) shows a correlation between the steady-state 
permeate flux and MD coefficient obtained with pure water experiments by a method described 
in literature [77]. As can be seen from Figure 2.2(b), the MD coefficient obtained using pure 
water feed can adequately predict relative membrane performance even when treating 
extremely high salinity water. PP membrane had the highest MD coefficient due to large pore 
size (i.e., 0.38 μm) and high porosity (i.e., 79%). PVDF membrane had low MD coefficient in 
spite of having high porosity (i.e., 68%). This could be explained by slightly lower mean pore 
size compared to other membranes as well as a very thick active layer. Unlike the PTFE 
membranes used in this study, which had an active layer thickness of 20-60 m, the PVDF 
membrane was unsupported and the active layer itself was 145 m thick. As the active layer is 
usually the mass transfer limiting layer, a thick active layer would decrease the flux significantly 
and hence decrease the MD coefficient. The three PTFE membranes exhibited significant 
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differences in MD coefficient. The PTFE 2 membrane has a support made of non-woven 
polyester with almost twice the thickness of the other PTFE membranes and low porosity of 
37%. Although the thickness of active layer for PTFE 3 is about three times that of PTFE 1, 
PTFE 3 exhibited higher MD coefficient because it had about 50% higher bulk porosity and 
about 14% larger pore size. The higher bulk porosity of PTFE 3 is attributed to the high porosity 
of its support since the porosities of active layers of PTFE 1 and PTFE 3 are similar. These 
results suggest that the membrane support plays an important role in the performance of MD 
system and that a highly porous support should be considered when selecting membranes for 
this application. These findings are in agreement with a previous study [78] that discussed how 
the properties of the support layer can add additional resistances in series with the active layer 
and hence affect the flux. 
 
 
Figure 2.2. (a) Permeate flux in DCMD module treating produced water from Site 1 in a constant concentration 
mode [feed flow rate = 1.9 L/min (Re = 740), permeate flow rate = 1.9 L/min (Re = 2100)], feed inlet temperature = 
60 oC, permeate inlet temperature = 30 oC); (b) Steady-state permeate flux as a function of pure water MD 
coefficient. 
The salt rejection for DCMD experiments was determined based on chloride and Ra 226 
concentrations in the permeate. As can be seen from Table 2.3, the infiltration of chloride ions 
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from the feed solution was negligible while Ra 226 in permeate water was not detectable. These 
results demonstrate the ability of DCMD to provide stable fluxes and excellent rejections of 
ions in spite of extremely high dissolved solids content of the feed; permeate water also showed 
no presence of Ra266, which is a significant health and environmental concern with produced 
water. Analysis of the six membranes with SEM (not shown) revealed that no fouling had 
occurred during three hours of operation. It could be argued this may not be sufficient operating 
time to observe the effects of membrane fouling. Hence, long term experiments were performed 
and the results are discussed in the next section. The PP membrane exhibited one of the highest 
permeate fluxes among the membranes tested in this study but the membrane would tear during 
experiments. Hence, PTFE membranes (PTFE 1 and PTFE 3) were used for further 
experiments. 
Table 2.3. Permeate quality during tests in constant concentration mode with Site 1 produced water 
Membrane Cl- (ppm) Rejection % 
Average 
Flux (LMH) 
AC 2 99.9 10.5 
PP 7 99.9 34.7 
PTFE 1 0.5 99.9 32.5 
PTFE 2 1 99.9 20.8 
PTFE 3 2 99.9 37.5 
PVDF 1 99.9 16.3 
 
DCMD experiments with produced water from Site 2 (Experiment 2) were conducted 
without returning the permeate to the feed tank until the TDS on the feed side reached 270,000 
mg/L (Figure 2.3), which corresponds to water recovery of 66%. A decrease in the permeate flux 
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shown in Figure 2.3 can be attributed to vapor pressure lowering of the feed solution due to the 
increase in salt concentration. The predicted flux in Figure 2.3 was calculated using the APSEN 
Plus model developed for this system where the membrane surface temperatures were estimated 
using the procedure described by Yun et al. [79] and then used to obtain the corresponding vapor 
pressures and associated permeate flux based on the MD coefficients. Hence, the temperature 
polarization effects were taken into account when predicting the DCMD flux. Excellent agreement 
between measured and predicted permeate flux is evident during the early stages of these 
experiments while some discrepancy is observed towards the end of the experiment when the feed 
TDS exceeded about 200,000 mg/L. This discrepancy can be attributed to either membrane fouling 
or concentration polarization since the temperature polarization effects are already included in the 
predictive model.  This issue will be further discussed in the section that offers the analysis of the 
fouling layer. As shown in Table 2.4, both PTFE membranes showed excellent rejections of 
chloride, TOC and Ra226. 
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Figure 2.3. Permeate flux for PTFE 1 and PTFE 3 membranes treating produced water from Site 2 until the feed 
concentration reached 270,000 mg/L TDS (feed flow rate = 1.9 L/min (Re = 2,220 at the beginning and 900 at the 
end of the experiment), permeate flow rate = 1.9 L/min (Re = 2,100), feed inlet temperature = 60 oC, permeate inlet 
temperature = 30 oC). 
 
Table 2.4. Permeate quality during concentration tests with Site 2 produced water (Experiment 2) 
 
 PTFE 1 PTFE 3 
Cl- 
Conc. (mg/L) 0.4 0.5 
Rejection (%) 99.9 99.9 
Ra 226 pCi/L ND ND 
TOC 
Conc. (mg/L) 1 0.83 
Rejection (%) 90.9 92.4 
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The specific thermal energy consumption of the DCMD system was calculated using the 
procedure described by Criscuoli et al. [76] which involved adding energy required for heating the 
feed stream and energy required for cooling the permeate stream. The thermal efficiency of 
separation, which is the same as gain output ratio (GOR) for a system that does not include heat 
recovery, is defined as the ratio of thermal energy utilized for water evaporation to the total heat 
flux across the membrane [80]. The specific thermal energy consumption for PTFE 1 during this 
experiment increased from 2.6 kWh/kg at the beginning of the experiment (feed TDS = 92,800 
mg/L) to 3.7 kWh/kg at the end (feed TDS = 270,000 mg/L), while the thermal efficiency of 
separation decreased from 51% to 35%. Similarly, the specific thermal energy consumption for 
PTFE 3 increased from 2.1 kWh/kg to 3 kWh/kg while the thermal efficiency of separation 
decreased from 62% to 46%. It should be noted that the energy required to heat the feed stream 
would be 50% of the specific energy requirement reported above as the heat loss to the 
environment in the system was negligible. The change in specific thermal energy consumption and 
thermal efficiency of separation is attributed to the flux decline due to vapor pressure decrease of 
the feed solution as the salt concentration in the feed increased. The permeate flux decrease with 
an increase in feed salinity decreases the contribution of latent heat to the total energy consumption 
because the conductive losses remain fairly constant regardless of the feed solution composition. 
The lower thermal efficiency of PTFE 1 membrane when compared to PTFE 3 can be attributed 
to a slightly higher thermal conductivity as well as lower thickness of PTFE 1 membrane (Table 
2.1), which lead to higher conduction losses and lower thermal efficiency. These results also 
indicate that the DCMD performance with respect to thermal efficiency and specific energy 
consumption is affected significantly at such high salinities. The specific energy consumption 
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obtained in this study with produced water was comparable to that reported by Criscuoli et al. [76] 
for pure water. 
2.3.2 Long term experiments 
Short term experiments discussed above are crucial to evaluate DCMD performance in terms of 
energy requirements and thermal efficiency but cannot be used to assess the membrane fouling 
propensity.  Therefore, long term experiments were carried out with produced water from Site 1 
and Site 3 using PTFE 1 membrane under identical experimental conditions as in Experiments 1 
and 2. 
A constant concentration test similar to Experiment 1 was carried out for 48 hours to assess 
DCMD performance with the high salinity produced water from Site 1 (Experiment 3). During this 
test, the feed water was replaced after 24 hours to provide additional scaling constituents on the 
feed side. As shown in Figure 2.4(a), the permeate flux remained constant during the 48-hour 
period without any deterioration in permeate quality. The concentration of chloride in the permeate 
at the end of the experiment was 0.2 mg/l, while Ra226 was not detectable, which corresponds to 
99.99% rejection of dissolved solids. 
An experimental setup with the schematic shown in Figure 2.5 was used to simulate a 
continuous process for DCMD (Experiment 4). In this process, the feed concentration was 
maintained by regulating the flow rate of the feed makeup stream. A peristaltic pump was used to 
control the feed makeup flow, while an overflow purge stream continuously removed a fraction of 
the feed solution to prevent excessive accumulation of dissolved solids in the feed tank. Such a 
continuous process would be used to treat saline wastewater in actual DCMD treatment plant. 
Produced water from Site 3 was used for this experiment after diluting it to 80,000 mg/l TDS as 
 26 
the dissolved solids originally present in this water were close to halite saturation limit. Initially, 
the feed water at 80,000 mg/l was concentrated to 300,000 mg/l, which required about 30 hours. 
When the concentration of the feed reached 300,000 mg/l, the feed makeup and purge streams 
were used to maintain the concentration in the feed tank at 300,000 mg/l for another 42 hours (the 
total duration of this experiment was 72 hours). As seen in Figure 2.4(b), the permeate flux 
obtained during the experiment was stable once the concentration of dissolved solids in the feed 
tank reached 300,000 mg/l. It is important to note that the permeate flux in Experiments 3 and 4 
was almost identical (i.e., ~30 LMH) as the TDS in the both feed stream was also identical (i.e., 
300,000 mg/L).  The fact that the permeated flux in these long-term experiments was identical to 
the one obtained in a short-term experiment (Experiment 1) suggests the absence of any membrane 
fouling with the produced water from Site 1.  During the course of this experiment, the 
concentration of chloride ions in the permeate reached 0.3 mg/l with no detectable levels of Ra226. 
The dissolved solids rejection at steady-state was 99.99% while the TOC levels in the permeate 
reached 4 mg/l, which corresponds to a TOC rejection of 78.9%. During the 72-hour experiment, 
MD was able to concentrate 13.2 liters of feed at a TDS of 80,000 mg/l to 300,000 mg/l (i.e., water 
recovery of 73%) with just 40 cm2 of membrane without any degradation in permeate flux and its 
quality.  
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Figure 2.4. Variation of permeate flux with time in (a) Experiment 3 and (b) Experiment 4. 
 
 
Figure 2.5. Schematic representation of flow diagram for continuous treatment of produced water using DCMD. 
2.3.3 Membrane fouling 
The results from Experiments 1 and 3 (Figures 2.2 and 2.4) suggest that there was no membrane 
fouling in those experiments as the trans-membrane flux remained constant during experiments 
with very high salinity produced water from Site 1. However, a significant flux decline in the 
short term Experiment 2 suggests that the membrane may be fouled by the produced water from 
Site 2. Permeate flux decline was also observed in the long term Experiment 4 (Figure 2.4(b)).  
However, the results shown in Figure 2.4(b) indicate that even if there was any membrane 
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fouling due to scale formation, the build-up of the scale layer was limited because the permeate 
flux remained constant during the last 48 hours of the experiment. To analyze the effect of 
fouling on membrane performance, dry gas permeation tests were carried out with the 
membranes used in these experiments and compared with the results obtained with pristine 
membranes. The results shown in Figure 2.6 reveal that the gas flux for membranes used in 
Experiments 2, 3 and 4 was almost identical to that observed for pristine membranes, indicating 
that the membrane permeability was not altered by treating the produced water. 
 
 
Figure 2.6. Gas permeation flux as a function of pressure difference across the membranes used for (a) Experiment 
2, (b) Experiment 3 and (c) Experiment 4. 
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To further support this conclusion, PTFE membranes used in Experiments 2, 3 and 4 were 
tested for pure water permeability at a feed temperature of 60 oC (feed flow rate = 1.9 l/min, Re = 
2860) and permeate temperature of 30 oC (permeate flow rate = 1.9 l/min, Re = 2100). In all cases, 
the permeate flux obtained with used membranes was identical to that previously determined for 
pristine membranes (data not shown). Moreover, the flux measured in Experiment 3 was almost 
identical to the flux obtained when pure NaCl solution with the same TDS content was used as 
feed where no scaling was observed because the feed was maintained below the halite saturation 
limit. This confirms that the PTFE membranes used in the experiments with produced water were 
not fouled and that the flux decline observed in these experiments was due to the increase in the 
salinity of the feed and a corresponding reduction in vapor pressure.  
Based on the results discussed above, it can be concluded that the discrepancy between 
observed and predicted flux for both PTFE 1 and PTFE 3 membranes shown in Figure 2.3 can 
only be attributed to concentration polarization effects as temperature polarization was accounted 
for in the model used to predict permate flux. The discrepancy between predicted and observed 
flux at the very end of Experiment 2 corresponds to a concentration polarization factor (cm/cb) of 
1.31 for PTFE 1 and 1.27 for PTFE 3 membrane. On the other hand, the temperature polarization 
factor, (Tm,f-Tm,p)/(Tb,f-Tb,p), increased from 0.73 to 0.76 for PTFE 1 membrane and from 0.66 to 
0.70 for PTFE 3 membranes throughout these experiments, which has much smaller impact on 
permeate flux compared to concentration polarization. Limited increase of the temperature 
polarization factor was also observed in the case of flat sheet PTFE membranes when NaCl 
solutions up to 1.67 M were used to study the temperature and concentration polarization effects 
[81]. The membrane surface temperatures were calculated by the method given by Yun et al. [79], 
which uses fundamental heat transfer equations together with empirical Nusselt number 
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correlations developed by Phattaranawik et al. [77]. These findings suggest that the concentration 
of salts at the membrane surface can be about 30% higher than that in the bulk, which can have 
significant impact on permeate flux but was previously neglected when analyzing MD 
performance [81-83].  
The SEM images of membranes used in experiments with produced water (Figure 2.7) 
reveal the distribution of inorganic deposits that were formed on the membrane surface. Dark 
patches represent the membrane section where salt deposition occurred, whereas the light grey 
areas represent clean membrane sections with no deposits. The composition of the solids that 
accumulated on the surface of the membrane was determined by EDS analysis and is shown in 
Table 2.5.  
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Figure 2.7. SEM images of PTFE 1 membrane used for (a-b) Experiment 2, (c-d) Experiment 3 and (e-f) 
Experiment 4. 
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Table 2.5. Elemental analysis of scales formed on the PTFE 1 membranes shown in Figure 2.7. 
Location 
Weight % 
O Na Mg Cl Ca Fe Sr Ba 
1 41 2 1 3 2 45 0 7 
2 38 2 1 4 3 50 0 3 
3 44 2 0 3 2 44 0 5 
4 1 27 0 68 2 1 0 0 
5 0 38 0 62 0 0 0 0 
6 25 1 2 41 7 13 3 8 
7 0 38 0 62 0 0 0 0 
8 2 38 0 59 0 1 0 0 
9 36 1 1 16 6 38 1 0 
10 36 1 1 15 6 41 1 0 
11 19 23 0 31 1 27 0 0 
 
Distinct crystals shown in SEM images were identified as predominantly sodium chloride. 
Moreover, the presence of iron in the accumulated scale was quite significant considering the fairly 
low concentrations of iron in the feed solution (Table 2.2). As can be seen from the elemental 
analysis at locations 1, 2, 3, 6, 9 and 10 in Table 2.5, iron oxide is most likely the dominant form 
of iron formed on the membrane surface. Theoretical calculations with PHREEQC chemical 
speciation software and the bulk composition of feed solution showed that only iron based 
compounds (i.e., goethite, hematite and magnetite) achieved positive saturation indices under the 
experimental conditions evaluated in this study (data not shown).  While goethite and hematite are 
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both very stable forms of iron oxide [84, 85], the lower pH of produced water studied in this work 
is likely to favor goethite precipitation [86, 87]. Hence it is reasonable to assume that goethite is 
the dominant form of iron deposited on the membrane surface under the experimental conditions 
evaluated in this study.  It must be noted that halite was fairly close to saturation at bulk feed 
composition (i.e., saturation index close to zero) and it is very likely that the concentration 
polarization on the feed side was responsible for the detection of halite in these scales (Table 2.5). 
Gryta [85] reported that iron oxide has a porous structure and limited impact on membrane 
permeability even after 20 hours of operation. Hausmann et al. [88] also suggested that MD fouling 
by whey had a much less impact on the permeate flux then fouling by skim milk because of the 
higher porosity of the fouling layer. Similarly, the porous nature of the scale layer is likely 
responsible for the negligible impact on membrane permeability observed in this study. In addition, 
the scale layer did not have enough coverage on the membrane surface to significantly affect the 
permeate flux. Figure 2.8 shows the thickness of deposits formed on PTFE 1 during long-term 
treatment of produced water from Site 3 (Experiment 4). The thickness of the deposits on the 
membrane surface ranged between 6 - 12 μm, while that for the membrane used in Experiment 2 
was less than 1 μm (data not shown). However, the permeate flux observed for PTFE 1 membrane 
in Experiments 2 and 4 were almost identical at the same feed concentration. This further supports 
the hypothesis that the iron oxide scale formed on the membrane surface did not affect the permeate 
flux. The membrane used in Experiment 3 showed negligible fouling when compared to other 
membranes because of the low pH of the feed water, which prevented iron oxide formation. 
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Figure 2.8. SEM image showing (a) the cross section of the membrane at the feed side with the scale layer formed 
during Experiment 4; (b) EDS line scan to evaluate the thickness of the scale layer. The y-axis shows the intensity of 
iron content while the x-axis shows the distance in μm. 
2.4 CONCLUSIONS 
The potential of DCMD to treat very high salinity produced water from unconventional onshore 
natural gas extraction was assessed in this study. Initial screening of commercially available 
hydrophobic membranes was carried out to identify those with high permeabilities suitable for this 
challenging application. The MD coefficients of the membranes evaluated in this study were 
significantly higher than those previously reported in the literature and the PTFE membranes used 
in this study exhibited substantially higher flux than that reported before for feed waters with a 
fairly high TDS content [63]. It was found that the properties of the membrane support layer (e.g., 
thickness and porosity) greatly influence the permeate flux and that highly porous support should 
be considered when selecting membranes for DCMD. 
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 The membranes used in this study showed excellent rejection of ions, including 
radioactive Ra226 and organic compounds. While temperature polarization had minimal effect on 
membrane performance, concentration polarization had a major impact on permeate flux at high 
salinities, which was previously neglected when analyzing MD performance. This study revealed 
that iron-based deposits formed on the membrane surface even with relatively low concentrations 
of iron in the feed. However, the iron oxide scale layer, which had a thickness of 6-12 μm, had 
negligible impact on membrane performance even after 3 days of operation at an extremely high 
TDS of 300,000 mg/l. The results obtained in this study indicate that DCMD can prove as a robust 
technology for treatment of high salinity wastewaters to produce almost pure water with minimal 
membrane fouling. 
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3.0  INTEGRATING MEMBRANE DISTILLATION WITH WASTE HEAT FROM 
NATURAL GAS COMPRESSOR STATIONS FOR PRODUCED WATER TREATMENT 
IN PENNSYLVANIA 
Direct contact membrane distillation (DCMD) has immense potential in the desalination of highly 
saline wastewaters where reverse osmosis is not feasible. This study evaluated the potential of 
DCMD for treatment of produced water generated during extraction of natural gas from 
unconventional (shale) reservoirs. Exhaust stream from Natural Gas Compressor Station (NG CS), 
which has been identified as a potential waste heat source, can be used to operate DCMD thereby 
providing economically viable option to treat high salinity produced water. An ASPEN Plus 
simulation of DCMD for the desalination of produced/saline water was developed in this study 
and calibrated using laboratory-scale experiments. This model was used to optimize the design 
and operation of large scale systems and estimate energy requirements of the DCMD process. The 
concept of minimum temperature approach used in heat exchanger design was applied to determine 
the optimum membrane area for large scale DCMD plants. Energy analysis revealed that the waste 
heat available from NG CS is sufficient to concentrate all the produced water generated in 
Pennsylvania to 30 wt.% regardless of its initial salinity. 
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3.1 INTRODUCTION 
Marcellus Shale is a major natural gas (NG) reservoir with steadily increasing production since 
2008 that currently accounts for about 40% of the total U.S. shale gas production [16]. Natural gas 
extraction from Marcellus shale in Pennsylvania, West Virginia and Ohio is accompanied by large 
amounts of produced water that contains high total dissolved solids (TDS). Future extraction of 
shale gas requires economical management of wastewater to minimize potential environmental 
impacts. Produced water injection into Class II Underground Injection Control (UIC) wells is the 
dominant management alternative in many shale plays with sufficient disposal capacity [10, 18, 
19].  In the Marcellus shale region, the average cost of produced water transportation from the well 
site in Pennsylvania to injection wells in Ohio or West Virginia ranges from 10 to 20 $/barrel (bbl) 
[21, 22].  In addition, the costs associated with deep well injection is estimated at $1/bbl [21]. 
However, while there is a total of 12,000 Class II saline water disposal wells in Texas, only 8 such 
wells are currently available in Pennsylvania [89]. Lack of sufficient disposal capacity in 
Pennsylvania requires the development of alternative approaches for management of high TDS 
produced water [23]. Recent studies have documented concerns over induced seismic activities 
due to deep well injection [24-27], further emphasizing the need for the development of innovative 
management strategies for produced water to avoid unintended environmental consequences. 
Among different wastewater treatment technologies, emerging membrane distillation 
(MD) process is particularly attractive because of its low capital investment, low operating 
temperature, and thus the ability to operate using low grade (waste) heat. MD is a vapor pressure 
driven process that has been known for over four decades. The first MD patent was filed in 1963 
by Bodell [90], while the first paper was published in 1967 by Findley [91]. Direct contact 
membrane distillation (DCMD) is the most commonly studied MD configuration in which a 
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hydrophobic micro-porous membrane is in direct contact with a hot feed stream on one side and a 
cold recirculating permeate stream on the other. The volatile vapors from the feed side traverse 
across the membrane and are condensed on the permeate side. The nonvolatile compounds in the 
feed stream, such as salts, suspended solids, and macromolecules are retained in the feed solution 
due to the hydrophobic nature of the membrane. The permeate solution will be free from impurities 
as long as the membrane is not wetted [92, 93] and as long as there are no volatile contaminants 
in the feed stream that can permeate across the membrane.  
DCMD is a non-isothermal separation process that involves simultaneous heat and mass 
transfer and operates on the principle of vapor-liquid equilibrium. In the last decade, researchers 
have developed several predictive models for DCMD systems by combining heat and mass transfer 
principles [79, 94-98]. Heat transfer models comprise of Nusselt number-based empirical 
correlations to evaluate the heat transfer coefficients [77, 99, 100], while mass transfer is typically 
expressed as a linear function of the vapor pressure difference across the membrane [99-102]. 
Moreover, different types of heat recovery approaches have been described in the literature [80, 
103-106] to recover the energy lost to the permeate side stream from the feed stream and increase 
the overall energy efficiency of the process. DCMD is being explored for diverse applications such 
as desalination of water, concentration of aqueous solutions in the food industry and concentration 
of acids [50-52, 107, 108]. MD processes are able to distill water at operating temperatures of 30-
90oC, which is significantly lower than the conventional thermal treatment processes.  The lower 
operating temperature of MD also offers an excellent opportunity to integrate MD processes with 
waste heat sources to further reduce the operating cost. Furthermore, MD operates at lower 
hydrostatic pressure compared to conventional pressure-driven membrane technologies, such as 
reverse osmosis and nano-filtration [109]. Membrane distillation has been evaluated for 
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desalination of seawater and brine from thermal desalination plants in pilot-scale studies [75, 110-
112], but the commercialization of this technology is hindered by high energy cost [113]. Kesieme 
et al. [29] estimated that the MD treatment cost decreased from $2.2/m3 to $0.66/m3 when a waste 
heat source was employed to drive the process.  In comparison, the operating cost of reverse 
osmosis treatment was estimated at $0.80/m3 [29]. 
While many studies reported that integrating MD with waste heat sources can lower its 
operating cost [29, 114, 115], the focus of those studies was often on a qualitative understanding 
without identifying specific sources of waste heat or conducting a systems analysis to integrate 
full scale MD technology with actual waste heat sources. Furthermore, there are no studies in the 
literature that are focused on the feasibility of MD technology utilizing waste heat for treatment of 
high salinity produced water from shale gas extraction. Relatively abundant and unutilized source 
of waste heat is available in the natural gas compressor stations (NG CS) in the U.S [116]. The 
U.S. natural gas pipeline network is an integrated transmission and distribution network consisting 
of more than 210 pipeline systems, 300,000 miles of transmission pipelines, and 1,799 compressor 
stations with more than 17 million installed horsepower (HP) for continuous delivery of natural 
gas [117]. In most CS, a portion of NG is combusted to provide the energy required by the 
compressor engine that is usually an internal combustion engine or a gas turbine.  Despite the high 
thermal efficiency of compressor engines, about two-thirds of the fuel energy is lost as waste heat 
[118]. A recent study revealed that a huge quantity of waste heat is available at NG CS in the form 
of hot exhaust gases [116]. It is estimated that an average of 610 TJ/day of waste heat is released 
in the hot flue gas of compressor engines in the U.S. at temperatures above 900 K [116]. This offers 
a potential to collocate wastewater treatment facilities with NG CS to offset the energy 
requirements of the MD process. 
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This study evaluated the synergies and potential of MD technology for treatment of shale 
gas produced water utilizing waste heat available from NG CS. A mathematical model based on 
the fundamentals of heat and mass transfer processes was developed and calibrated for a DCMD 
process using laboratory-scale experiments. The model was then used to optimize design and 
operating parameters for a full-scale DCMD system. The energy analysis from this model was 
combined with the information about available waste heat at NG CS in Pennsylvania (PA) region 
of Marcellus shale to estimate the amount of produced water that can be treated in distributed 
DCMD wastewater treatment plants. Results from this study provide important insights in the 
operation of an integrated system and can be extended to other sources of industrial waste heat 
combined with other thermally-driven water treatment technologies.  
3.2 THEORY AND METHODOLOGY 
3.2.1 Mathematical model of DCMD 
In DCMD, the hot feed (liquid to be separated or treated) evaporates at the membrane surface and 
vapors travel across the membrane to be condensed in a recirculating cold liquid on the other side 
of the membrane. The permeate flux across the membrane can be determined by Equation 3.1 
[119], where J is the mass flux (kg/m2/s), C is the membrane distillation coefficient (kg/m2/s/Pa), 
pm,f and pm,p are vapor pressures (Pa) at the feed-membrane and permeate-membrane interface 
corresponding to membrane surface temperatures Tm,f and Tm,p, respectively. The MD coefficient, 
C, is considered fairly constant as it is weakly dependent on temperature [120, 121].  
 𝐽 = 𝐶(𝑝𝑚,𝑓 − 𝑝𝑚,𝑝)  (3.1) 
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The schematic of the heat and mass fluxes in DCMD is displayed in Figure 3.1. The 
presence of boundary layers at the membrane surface substantially contributes to the heat transfer 
resistances. Heat transfer in DCMD occurs in the following steps: 
a) heat transfer from the bulk feed to the surface of the membrane (Qf) (Equation (3.2)), 
b) heat transfer across the membrane (Qm) (Equation (3.3)), 
c) heat transfer from membrane surface at the permeate side to the bulk permeate (Qp) 
(Equation (3.4)) 
 𝑄𝑓 = ℎ𝑓(𝑇𝑏,𝑓 − 𝑇𝑚,𝑓)  (3.2) 
 𝑄𝑚 = 𝐽∆𝐻 +
𝑘𝑚
𝛿
(𝑇𝑚,𝑓 − 𝑇𝑚,𝑝)  (3.3) 
 𝑄𝑝 = ℎ𝑝(𝑇𝑚,𝑝 − 𝑇𝑏,𝑝)  (3.4) 
where, hf and hp are the heat transfer coefficients (W/m2/K) on the feed and permeate side 
respectively, H is the latent heat of vaporization of water (J/kg), km is the membrane thermal 
conductivity (W/m/K),  is the membrane thickness (m), and Tb,f and Tb,p are the bulk feed and 
permeate temperatures, respectively.  
All three heat fluxes are equal at steady state (Equation (3.5)). 
 𝑄𝑓 =  𝑄𝑚 =  𝑄𝑝  (3.5) 
Heat transfer across the boundary layer can offer substantial resistance leading to a difference 
between the membrane surface temperature and the bulk temperature of the fluid [122]. Yun et al. 
[79] have shown that the membrane surface temperatures can be calculated using Equations (3.6) 
and (3.7) that are derived from Equations (3.1) to (3.5). The authors also included constants 𝐶𝑝
′  
and ΔHo to account for the variation in latent heat of vaporization of water with membrane surface 
temperature. 
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  𝑇𝑚,𝑓 =
[1−𝑒𝑥𝑝(−𝐽𝐶𝑝
′ 𝑘𝑚
𝛿
)](ℎ𝑓𝑇𝑏,𝑓−𝐽∆𝐻
𝑜)+𝐽𝐶𝑝
′ (𝑇𝑏,𝑝+
ℎ𝑓
ℎ𝑝
𝑇𝑏,𝑓)[2−𝑒𝑥𝑝(−𝐽𝐶𝑝
′ 𝑘𝑚
𝛿
)]
ℎ𝑓[1−𝑒𝑥𝑝(−𝐽𝐶𝑝
′ 𝑘𝑚
𝛿
)]+𝐽𝐶𝑝
′ {1+
ℎ𝑓
ℎ𝑝
[2−𝑒𝑥𝑝(−𝐽𝐶𝑝
′ 𝑘𝑚
𝛿
)]}
  (3.6) 
  𝑇𝑚,𝑝 =
[1−𝑒𝑥𝑝(−𝐽𝐶𝑝
′ 𝑘𝑚
𝛿
)](ℎ𝑝𝑇𝑏,𝑝+𝐽∆𝐻
𝑜)+𝐽𝐶𝑝
′ (𝑇𝑏,𝑓+
ℎ𝑝
ℎ𝑓
𝑇𝑏,𝑝)
ℎ𝑝[1−𝑒𝑥𝑝(−𝐽𝐶𝑝
′ 𝑘𝑚
𝛿
)]+𝐽𝐶𝑝
′ [2+
ℎ𝑝
ℎ𝑓
−𝑒𝑥𝑝(−𝐽𝐶𝑝
′ 𝑘𝑚
𝛿
)]
  (3.7) 
 
where, 𝐶𝑝
′  = 1900 J/kg/K and ΔHo = 2967.3 kJ/kg [79]. 
The heat transfer coefficients for the feed and the permeate sides can be calculated using 
Equations (3.8) and (3.9) [77], where Nusselt number (Nu) is evaluated from a correlation with 
Reynolds number (Re) and Prandtl number (Pr). 
 ℎ = 𝑁𝑢
𝑘
𝑑ℎ
= [0.664𝑘𝑑𝑐𝑅𝑒
0.5𝑃𝑟0.33 (
2𝑑ℎ
𝑙𝑚
)
0.5
]
𝑘
𝑑ℎ
  (3.8) 
 𝑘𝑑𝑐 = 1.654 (
𝑑𝑓
𝐻
)
−0.039
𝜙0.75 [𝑠𝑖𝑛 (
𝜃
2
)]
0.086
  (3.9) 
where, k is the thermal conductivity of the fluid, dh is the hydraulic diameter of the channel, lm is 
the distance between filaments of the spacer, df is the thickness of spacer filament, H is the 
thickness of the spacer,  is the porosity of the spacer and  is the hydrodynamic angle between 
the crosslinked spacer filaments. The correction factor kdc is included to account for the effects of 
spacer characteristics on heat transfer.  
A step-wise approach to modeling heat and mass transfer in DCMD described by Gustafson 
et al. [123] for large scale systems was employed to obtain the temperature and flowrate profiles 
along the length of the membrane module. According to this approach, the membrane is divided 
into several sections (Figure 3.1) and Equations (3.1) to (3.9) are used in conjunction with energy 
and mass balance for each section of the membrane module to obtain temperature and flow 
distribution across the membrane. The mass flow rates of the feed and the permeate in a section of 
the membrane can be evaluated by:  
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 𝑀𝑓,𝑖+1 = 𝑀𝑓,𝑖 − 𝐽𝑖𝐴𝑖  (3.10) 
 𝑀𝑝,𝑖 = 𝑀𝑝,𝑖+1 + 𝐽𝑖𝐴𝑖  (3.11) 
where, M (kgs-1) is the mass flow rate, Ai (m2) is the area of the membrane in a section and Ji 
(kgm-2s-1) is the mass flux across the membrane section. The subscripts ‘i’ refers to the feed inlet 
and permeate outlet for the ith section, while ‘i+1’ refers to the feed outlet and permeate inlet for 
the same section of membrane (Figure 3.1). The energy balance across the ith section can be used 
to calculate the enthalpy, and hence temperatures, of the streams leaving the section as follows: 
 𝑀𝑓,𝑖𝐸𝑓,𝑖 = 𝑀𝑓,𝑖+1𝐸𝑓,𝑖+1 + 𝑄𝑚,𝑖𝐴𝑖  (3.12) 
 𝑀𝑝,𝑖𝐸𝑝,𝑖 = 𝑀𝑝,𝑖+1𝐸𝑝,𝑖+1 + 𝑄𝑚,𝑖𝐴𝑖   (3.13) 
where, E (Jkg-1) refers to the specific enthalpy and Qm,i (Wm-2) refers to the heat flux across the 
membrane. 
 
Figure 3.1. (a) Temperature profile in DCMD module, (b) enlarged section of DCMD module 
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3.2.2 Coupling mathematical model with Aspen Plus simulation for DCMD 
The equations listed in the previous section (Eqn. (3.1) to (3.13)) were used to simulate operation 
of a DCMD system in Aspen Plus (Version 8.8) as a user defined unit operation. These user-
defined blocks were arranged in series with the feed and permeate flow in a countercurrent 
direction to obtain the temperature, concentration and flow profiles of all streams. According to 
the flowchart for one such block shown in Figure 3.2, the temperatures of the entering streams (Tf,i 
and Tp,i+1) were used as the initial guesses of the membrane surface temperatures (Tm,f and Tm,p)  
to calculate the associated liquid vapor pressures (pm,f and pm,p). An initial value of the flux (J) 
was then calculated using Equation (3.1) with a membrane distillation coefficient (C) of 5.6 
kg/m2/hr/kPa determined in a previous laboratory-scale study which employed a 
polytetrafluoroethylene membrane with a polypropylene support [124]. The properties of the 
membrane and spacer used in these experiments are shown in the Appendix A1. Heat transfer 
coefficients (hf and hp) were calculated using Equation (3.8) and used to determine the membrane 
surface temperatures (Tm,f
′  and Tm,p
′ ) using Equations (3.6) and (3.7). These values were then used 
to calculate the flux (J′) corresponding to the adjusted membrane surface temperatures. This 
iterative procedure was repeated until the relative difference between J′ and J reached a selected 
tolerance of 0.1%.  
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Figure 3.2. Algorithm used for the simulation of DCMD 
 
 
 46 
The permeate flux obtained using this approach was used to calculate the heat flux across 
the membrane (Qm,i) using Equation 3.3, and the mass flow rates of the feed and permeate streams 
(Mf,i+1 and Mp,i) leaving the membrane section using Equations (3.10) and (3.11), respectively. 
Equations (3.12) and (3.13) were then used to calculate the specific enthalpy of feed and permeate 
streams (Ef,i+1 and Ep,i) leaving the module section, which were then used to calculate the 
temperatures of these streams (Tf,i+1 and Tp,i). Finally, the averages of the feed and permeate bulk 
temperatures (Tf,avg and Tp,avg) were calculated and the initial guesses of membrane surface 
temperatures (Tm,f and Tm,p) were updated with these values. The same procedure was repeated 
until the relative difference between the values calculated in subsequent iterations was below 0.1%. 
 The mass and heat fluxes across the membrane section were determined at the average 
values of stream properties for each section of the membrane to prevent overestimation of the 
fluxes. For example, if the feed stream enters a membrane section at 60 oC and the permeate stream 
enters on the other side of the module at 40 oC, it is reasonable to assume that the feed stream 
would leave the membrane section at a lower temperature (e.g., 58 oC) while the permeate side 
stream would leave that same section at a higher temperature (e.g., 42 oC). The flux values are 
generally calculated at the feed inlet temperature (i.e., 60 oC) and permeate inlet temperature (i.e., 
40 oC) in most theoretical models, which can lead to overestimation of fluxes as the predicted 
vapor pressure difference would be greater than is the case in reality. Hence, calculating the flux 
using the average feed temperature (i.e., 59 oC) and average permeate side temperature (i.e., 41 
oC) would result in a more accurate flux prediction. It should be noted that these calculations were 
carried out assuming negligible heat loss to the surroundings. The physical properties of the 
streams were obtained from the electrolytic Non-Random Two-Liquid (NRTL) model available in 
Aspen Plus.  
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3.2.3 Calibration of the mathematical model 
Previous work by the authors showed that the concentration polarization could result in up to 30% 
increase in the salt concentration at the feed-membrane surface at high salinities [124]. The model 
used in this study was therefore calibrated to account for this reduction in the driving force (vapor 
pressure) at higher salt concentration due to concentration polarization. Model calibration was 
carried out using the experimental data with the feed temperature of 60 oC and feed flow rate of 
1.9 L/min. To calibrate the model, the difference in the predicted flux and experimentally observed 
flux values at different salinities was evaluated and the predicted flux was adjusted according to 
the experimentally observed concentration polarization coefficient. The experimental setup and 
the composition of produced water samples used for model calibration and validation is discussed 
elsewhere [124]. 
3.3 RESULTS AND DISCUSSION 
3.3.1 Calibration/validation of the DCMD model 
As shown in Figure 3.3, the model that was calibrated using the data collected at 60 oC was able 
to predict experimentally measured permeate flux at different feed temperatures, flow rates and 
salinities with a root mean square error of 6%, which is satisfactory for industrial applications 
[125]. The results shown in Figure 3.3 indicate that the impact of feed flow rate on permeate flux 
is significantly lower than that of the feed temperature. For instance, a three-fold increase in the 
feed flow rate from 1.1 L/min (Re = 1,330) to 3.4 L/min (Re = 4,000) increases the permeate flux 
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by only 17% at a feed temperature of 60oC (Figure 3.3(a)). On the other hand, increasing the feed 
temperature from 50 to 60 oC at a feed flow rate of 1.1 L/min increases the permeate flux by 103%. 
While increasing the feed flow rate helps to decrease the effects of temperature polarization and 
improves mass transfer [63], the feed temperature is directly responsible for the driving force. This 
effect of temperature and flow rate on the permeate flux is consistent for varying salt 
concentrations as shown in Figure 3.3 and is in agreement with other studies [126, 127].   
 
Figure 3.3. Comparison of simulated DCMD process with the experimental results obtained for (a) a TDS of 92.8 
g/l and (b) TDS of 308.3 g/l. Permeate temperature and flow rate were 30 oC and 1.9 l/min, respectively. 
  
Calibrated and validated model was used to predict flux and temperature profiles for large 
scale systems using the approach that was successful in predicting the permeate flux for a hollow 
fiber polypropylene membrane area of up to 0.66 m2 [110]. Commercial microfiltration membrane 
assemblies commonly use membrane areas of 0.1 to 0.2 m2 [128] and the area of a single flat-sheet 
membrane chosen for this simulation was 0.2 m2. The number of membrane modules in series or 
the effective membrane area governs the temperature change on both feed and permeate side. As 
discussed before, increasing the feed flow rate enhances permeate flux across the membrane; the 
same is true for permeate side flow rate [109, 129]. However, this increase in permeate flux due 
to higher feed- or permeate-side flow rates eventually reaches a plateau after which increasing the 
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flow rates has no effect on the permeate flux. Hence, a minimum Reynolds number of 1,000 was 
used for simulating large scale membrane modules to ensure higher permeate flux across the 
membrane. Similarly, the temperature difference between the feed inlet and the permeate inlet 
streams were chosen to achieve maximum permeate flux and heat recovery. More information on 
the choice of temperatures is provided in the later section that discusses heat recovery and specific 
thermal energy requirements.  
As can be seen in Figure 3.4, the permeate flux decreases with an increase in membrane 
area because of the decrease in temperature difference between the feed and permeate sides that 
occurs when more modules are added in series. Consequently, the total permeate flow initially 
increases with an increase in membrane area (Figure 3.4) but it levels off after a certain point when 
adding more modules in series offers limited benefit to the overall system performance.  
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Figure 3.4. Minimum temperature difference, flux, and permeate flow profiles as a function of membrane area in a 
counter-current DCMD system. The feed and permeate flow rate was 1500 kg/hr while the inlet feed and permeate 
temperatures were fixed at 90 oC and 30 oC, respectively. 
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A minimum temperature approach similar to that used for the design of heat exchangers 
[130] was employed in this study to evaluate the maximum possible number of membrane modules 
in series. For heat exchangers, a minimum temperature difference of 10 oC between the hot and 
the cold side has been established as a thumb rule for effective heat transfer [131, 132]. Therefore, 
the minimum temperature difference between the feed outlet and the permeate side inlet in any 
module of a DCMD array was set at 10 oC to ensure that a reasonable driving force would be 
maintained in all modules. The maximum membrane area that meets this condition for the feed 
inlet temperature of 90 oC and the permeate inlet temperature of 30 oC was 3.6 m2, which 
corresponds to 18 modules in series. The average flux obtained for these conditions was 26.5 
kg/m2/hr, which is significantly higher than 8.1 kg/m2/hr reported for a similar case in the literature 
[110]. This difference can be attributed to a considerably higher MD coefficient of the membrane 
used in this study [124] because of the highly porous and thin membrane selected for this 
application as shown in Appendix A1.  
The objective of this study was to assess the energy requirements for produced water 
treatment using available waste heat from NG CS and these calculations were scaled up to a large 
scale system by simply putting the arrays of 18 modules in series in a parallel arrangement to 
achieve a desired total system capacity as illustrated in Appendix A1. 
3.3.2 DCMD system with heat recovery 
Heat recovery in DCMD system has been analyzed previously [80, 103, 104, 133] and the process 
flow diagram used in this study depicted in Figure 3.5 is similar to a recent case study of DCMD 
based desalination [104].  While the previous study [104] focused on concentrating the seawater 
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from a TDS of 28,050 mg/l to about 140,000 mg/l, this study evaluated the use of DCMD to 
concentrate produced water from TDS of 100,000 mg/l (10 wt.%) to 300,000 mg/l (30 wt.%). Flue 
gas from an NG CS was incorporated in the system as a source of waste heat using intermediate 
steam loop to drive the MD process.  Heat exchanger HX-4 is used to generate steam at 3.6 bar 
(140 oC) using the hot flue gas, which is then utilized to increase the temperature of the MD feed 
stream to a desired operating temperature. Because the permeate stream is heated as it travels 
through the MD array, the heat exchanger HX-2 is added to recover some of that heat for 
preheating the feed stream. The permeate stream leaving HX-2 is cooled down to 30 oC in heat 
exchanger HX-1 by contacting with fresh produced water feed. It is assumed that a sufficient 
quantity of produced water is available at 20 oC to cool down the permeate stream in heat 
exchanger HX-1.  
The salinity of produced water depends on the location and age of the fractured well with 
sodium chloride as the major constituent. For the purpose of this study, the salinity of the feed 
water was assumed to be 10 wt.% sodium chloride solution, while that of the brine leaving the 
system was fixed at 30% to yield the overall water recovery factor of 66.7%. It should be noted 
that a large volume of feed has to be recycled through the MD array because of the low water 
recovery rate in a single pass through a DCMD and that the flowrate of brine that is purged from 
the system is significantly lower than the flowrate of recycled brine. A full-scale system would 
typically include a pretreatment step to remove the scale forming salts prior to DCMD treatment. 
Hence, it is assumed that the flux decrease due to membrane fouling would be negligible.  
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Figure 3.5. Schematic flow diagram of the DCMD desalination plant treating 100 kg/s (stream 4) of feed water.  
DCMD feed and permeate inlet temperature are  90 oC and 30 oC respectively, whereas the required membrane area 
is 9102 m2. 
  
Simulations of system performance were performed at different feed temperatures to 
determine the optimum range based on the specific thermal energy consumption (kWh/m3) and the 
results are shown in Figure 3.6. As expected, the permeate flux increases with an increase in feed 
temperature. It must be noted that the fraction of recovered energy also increases with temperature 
because the permeate stream leaves the DCMD system at higher temperatures when the feed 
temperature is increased. As shown in Figure 3.6(b), the energy required per m3 of permeate 
increased from 527 to 565 kWh/m3 as the feed temperature decreased from 90 to 60 oC; hence, it 
is preferable to operate DCMD at a higher temperature where almost 37% of the energy needed 
for system operation can be recovered using heat exchangers HX-1 and HX-2.  The lowest specific 
thermal energy required to operate DCMD was reported by Lin et al. [134] as 27.6 kJ/kg (or 7.67 
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kWh/m3) but the values reported in the literature are at least one order of magnitude higher than 
this thermodynamic minimum. Khayet et al. [135] obtained a specific thermal energy consumption 
of 600 kWh/m3 for a DCMD pilot study with a membrane area of 4 m2, which is comparable to 
the values determined in this study. Khayet and Matsuura [136] reported the specific thermal 
energy requirement for a theoretical 24,000 m3/day DCMD desalination plant studied by Al-
Obaidani  [137] of 39.7 kWh/m3. However, these calculations assume a very high water recovery 
of 80% from DCMD without any recirculation of the feed side stream while the thermodynamic 
maximum for single pass recovery that can be attained in a DCMD system is 6.4% [134].  
 
Figure 3.6. (a) Average flux and percentage heat recovery as a function of feed temperature, (b) Specific thermal 
energy required to concentrate produced water from 10% to 30% TDS as a function of feed temperature. 
  
The Gain Output Ratio (GOR), which is defined as the ratio of the amount of permeate 
generated to the amount of saturated steam provided to the system [138], can theoretically be as 
high as 21 for DCMD systems [139] while the highest value of GOR obtained experimentally was 
between 5 and 6 [80, 140]. However, the temperature difference between the hot and the cold 
streams for both membrane modules and heat exchangers used for heat recovery would have to be 
around 1-2 oC to achieve such high GOR. Such low temperature difference would require 
enormous membrane and heat exchanger area and will detrimentally impact the economics of the 
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overall treatment process (i.e., capital cost). In addition, the flow rate of feed and permeate side 
streams in the DCMD system must be very low to obtain high water recovery and achieve higher 
GOR value [140]. While this makes the process more energy efficient, it significantly decreases 
the permeate flux because the temperature difference between the feed and the permeate side is 
drastically reduced due to increased residence time. Both these factors would lead to a substantial 
increase in the membrane area to achieve desired water recovery. Therefore, the minimum 
temperature approach was utilized in this study to optimize the membrane and heat exchanger area, 
which yielded a maximum GOR of 1.07 when the feed temperature was 90 oC. 
3.3.3 Produced water treatment by DCMD in PA  
To evaluate the potential of DCMD to treat produced water from unconventional gas extraction 
using waste heat available at NG CS in Pennsylvania (PA), it is necessary to estimate the volume 
of produced water generated in PA. The total shale gas production on a county level in Marcellus 
shale play in PA was based on the most updated information (January-July 2014) published by the 
Pennsylvania Department of Environmental Protection (PA DEP) [141]. There were 5,188 active 
unconventional gas wells operating in 2014 in PA with a total natural gas production of 5.1×1010 
m3 [142]. The amount of produced water per unit volume of gas production varies across different 
states and shale plays due to the differences in shale formation characteristics. Previous studies 
have shown that 300 barrels (47.7 m3) of brine are produced per MCM (million cubic meter) of 
shale gas recovered in PA [143]. Brine production per day is calculated based on the total amount 
of produced water and the number of production days for each well provided by PA DEP [141]. 
Figure 3.7 shows estimated aggregate amount of produced water on a county level in PA during 
the first half of 2014. The results indicate that produced water generation ranged from 0.014 
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m3/day in Cambria County to 3,211.5 m3/day in Susquehanna County. Based on this analysis, it 
can be estimated that a total of about 2.78 MCM of produced water is generated in PA in the first 
six months of 2014, which is equivalent to 630 m3/hr.  
 
Figure 3.7. Estimated quantity of produced water on a county level in Pennsylvania 
 
Previous study estimated that a total of 43.4 TJ/day of waste heat is available at natural gas 
compressor stations in PA [116]. The amount of energy required to concentrate the produced water 
generated in PA to 30% salinity can be estimated based on the DCMD specific thermal energy 
consumption shown in Figure 3.6(b). For example, the specific thermal energy consumption with 
respect to produced water with a TDS of 10 wt.% is 382 kWh/m3 when the feed temperature is 60 
oC. While this is the net energy requirement of the process, the actual energy requirement depends 
on the efficiency of steam generation. Assuming the efficiency of steam generation of 80%, it can 
be estimated that a total of 26 TJ/day of energy would be needed to treat 630 m3/hr of produced 
water generated in PA if DCMD process is operated using the feed temperature of 60 oC. Figure 
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3.8(a) shows the amount of energy required to concentrate the produced water generated in PA to 
30% as a function of feed temperature. The energy requirement in Figure 3.8 is calculated 
assuming 80% efficiency for steam generation. If the feed temperature is increased to 90 oC, only 
56% of the total waste heat available from NG CS in PA is sufficient to concentrate the produced 
water generated in PA to 30% salinity. The effect of changes in produced water salinity on the 
energy requirements for DCMD process is shown in Figure 3.8(b). The results in this figure 
indicate the energy required to treat produced water would be lower than the available waste heat 
energy regardless of the feed water salinity. A maximum of 32.2 TJ/day of energy would be 
required to treat all produced water in PA even if the feed salinity is just 3%.  
 
 
Figure 3.8. (a) Thermal energy required to concentrate produced water in PA to 30% salinity using DCMD as a 
function of feed temperature at a fixed initial TDS of 10% (w/v), (b) Total thermal energy and specific thermal 
energy with respect to feed as a function of the feed salinity when the feed temperature is 90 oC and is concentrated 
to 30% salinity. 
  
Practical constraints such as transportation of produced water to the source of waste heat 
are likely to limit the application of MD technology. This issue can be clearly seen in Figure 3.9 
which displays the spatial distribution of theoretical DCMD treatment capacity at NG compressor 
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stations and the estimated quantity of produced water generated in each county. Figure 3.10 
highlights the counties with sufficient treatment capacity and counties with insufficient treatment 
capacity. The results in Figure 3.9 and Figure 3.10 were developed assuming that the DCMD 
system is operated at an inlet feed temperature of 90 oC and the theoretical amount of produced 
water that could be treated utilizing the waste heat from NG CS in PA was estimated based on the 
installed capacity at each compressor station [116]. Transportation of produced water to NG CS 
sites may be feasible in counties that have several NG CS (e.g., Greene County) as it is likely to 
have a limited impact on the overall produced water management cost. However, water 
transportation costs may become significant and prohibitive for counties that do not have NG CS 
in close proximity (e.g., Susquehanna County in the northwest corner of the state that generates 
the highest amount of produced water in PA). Future analysis should focus on the economic 
feasibility of using DCMD for treatment of produced water utilizing waste heat to identify major 
cost drivers. 
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Figure 3.9. Spatial distribution of estimated produced water and treatment capacity using available waste heat at NG 
CS in PA 
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Figure 3.10. Map of PA highlighting the counties that have NGCS with sufficient treatment capacities and those 
that do not have sufficient treatment capacities. 
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3.4 CONCLUSIONS 
A mathematical model using fundamental heat and mass transfer equations and literature 
correlations was developed in this study to predict the performance of large scale DCMD systems.  
The model was calibrated using the results of laboratory-scale studies and the concept of minimum 
temperature similar to that employed in the design of heat transfer equipment was used to obtain 
the optimum membrane area when several membrane modules are arranged in series. It was found 
that a minimum temperature difference of 10 oC between the feed and the permeate-side streams 
yielded an optimum membrane area for permeate flux across the membrane. Using sensitivity 
analysis, it was established that the heat recovery efficiency and permeate flux increase with an 
increase in the DCMD feed temperature, which reduces the specific thermal energy consumption 
of this treatment process. A plant scale DCMD system with optimum membrane area, external 
heat recovery, and utilizing waste heat from NG CS was evaluated for its potential to treat 
produced water in PA region of Marcellus Shale. It was found that the amount of energy required 
to concentrate produced water in PA to 30% salinity was much lower than the amount of waste 
heat available from NG CS irrespective of the produced water salinity. The key findings of this 
study suggest that DCMD is capable of concentrating all the produced water in PA if the waste 
heat from NG CS can be utilized. However, the economic feasibility of this approach needs to be 
evaluated to identify major cost drivers and barriers. 
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4.0  IMPORTANCE OF FEED RECIRCULATION FOR THE OVERALL ENERGY 
CONSUMPTION IN MEMBRANE DISTILLATION SYSTEMS 
Membrane distillation (MD) has received significant interest for treating high salinity wastewaters, 
particularly when reverse osmosis is not feasible. MD has low single pass water recovery, which 
necessitates feed recirculation to achieve a desired overall water recovery. Feed recirculation 
increases turbulence in the feed channel to reduce polarization effects and membrane fouling. 
However, it increases the thermal and electrical energy requirements of the system. This study 
emphasizes the importance of recirculation and demonstrates its impact on the energy consumption 
of MD, which can be an order of magnitude greater when compared with calculations based on a 
single pass recovery. For instance, an increase in water recovery in a DCMD module from 10 to 
50% for a feed solution containing 100 g/L of NaCl would increase the required recycle ratio by 
633% (i.e., from 3 to 22) with a corresponding increase in thermal energy required to heat the 
recycle stream by 556% (i.e., from 39 to 256 kWh/m3 of feed). While the electrical energy required 
for feed recirculation is only a few percent of thermal energy requirements, it may be a significant 
factor when considering the overall life cycle impacts of the MD process. 
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4.1 INTRODUCTION 
Separation processes based on membrane technology have become an integral part of present day 
industries. Membrane distillation (MD) is one such technology that has the potential to become a 
cost effective approach for treating saline water to recover high-quality water. Unlike other 
membrane technologies, MD is a non-isothermal process which is driven by the vapor pressure 
difference across a hydrophobic membrane. Although the first MD patent was filed in 1963 [90], 
research on MD only received significant interest in early 1980s due to availability of membranes 
with improved characteristics [97]. This process is still in the early stages of the development for 
large scale applications. MD has been studied on a laboratory scale for the removal of heavy metals 
from wastewater [46], radioactive contaminants from aqueous solutions [47], desalination of sea 
water [35, 42, 48], fruit juice concentration [49-51] and acid recovery [52]. Pilot scale studies have 
been conducted for desalination of sea water and produced water from unconventional resources 
as well as treatment of groundwater and reverse osmosis concentrates [110, 112, 144-146].  
4.1.1 Energy requirements in Membrane Distillation  
Like all thermal separation processes, the major energy requirement of MD arises from the latent 
heat required to evaporate water on the feed side of the membrane. In addition, there are inherent 
process inefficiencies that result in additional energy requirements of MD. In direct contact 
membrane distillation (DCMD), these inefficiencies result from the sensible heat loss through 
conduction by the membrane from the feed side to the permeate side. The energy loss due to 
conduction can account for 30 to 80 % [76, 137, 147] of the total thermal energy consumption of 
the process [103]. The  conduction heat losses can be reduced by appropriate design of the MD 
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module and membrane selection, and by optimizing the operating parameters of DCMD [137, 
148]. Significantly lower conduction losses can be achieved in vacuum membrane distillation 
(VMD) and air gap membrane distillation (AGMD) due to low thermal conductivity of gas phase 
on the permeate side [147, 149]. 
 
4.1.2 The Need for Recirculation 
Unlike pressure driven membrane separation processes like reverse osmosis and nanofiltration, 
which can have a single pass water recovery in the range of 50-84% [150-152] depending on the 
feed chemistries and the driving force, MD has significantly lower single pass water recovery [134, 
140]. A single pass MD system can be employed for desalination of sea water, where the objective 
is to provide fresh water. In such a case, sea water could be fed to the MD unit and the concentrate 
can be discharged because a large volume of saline water is available as feed for continuous 
operation. However, when the MD system is used to treat wastewater, an overall recovery factor 
much greater than that attained in a single pass system would be required. To attain a desired 
recovery factor, the concentrate (reject) stream leaving the MD system has to be reheated, recycled, 
and mixed with fresh feed. Concentrate recycling that is required for high recoveries in MD 
systems [104, 114, 144, 153] will substantially increase the amount of thermal energy for reheating 
the concentrate stream and electrical energy for pumping it back to the inlet of an MD system. In 
addition, high recovery factors lead to increase in the feed salt concentration, which lowers the 
water vapor pressure at the feed side and decreases the evaporation efficiency [100, 124, 154]. 
While several studies estimated the maximum single pass permeate recovery [104, 112, 134, 139, 
140, 155-159] of an MD system, only two previous studies [104, 160] provided the operating 
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details needed to calculate the recycle ratio. A recycle ratio of 11.8 was estimated using the flow 
rates reported for the pilot scale DCMD sea water desalination system [104], while the recycle 
ratio of 10.6 was needed to achieve 66.7% water recovery when treating produced water from 
unconventional gas extraction [160]. In this study, an ASPEN Plus based model developed 
previously [160] was used to study the impact of recycle ratio on energy consumption of DCMD 
without heat recovery. The results from this study highlight the importance of feed recirculation 
in DCMD and its effect on thermal and electrical energy requirements in a continuous DCMD 
system used for concentrating high salinity brine. 
4.2 THEORY AND METHODOLOGY 
4.2.1 Impact of evaporation efficiency on single pass permeate recovery and recycle ratio 
For an MD system, the permeate flow across the membrane can be calculated as follows: 
 Permeate flow (
kg
s
) =
Evaporation efficiency∗Enthalpy change in the feed (
kJ
s
)
Latent heat of vaporization (
kJ
kg
)
   
or, 
 𝑚𝑥 =
𝜂[𝑚𝐶𝑝𝑇𝑖𝑛−𝑚(1−𝑥)𝐶𝑝𝑇𝑜𝑢𝑡]
100∗𝐿
  (4.1) 
where, m is the feed flow rate (kg/s), x is the fraction of feed that is recovered on the permeate 
side,  is the evaporation efficiency of the system, which is equal to the ratio of thermal energy 
utilized in evaporating the feed to total energy lost to the feed side [80, 161, 162], Cp is the specific 
heat capacity of water, which is assumed to be constant (4.184 kJ/kg/K), Tin and Tout are feed inlet 
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and exit temperatures (oC), respectively, and L is the latent heat of vaporization of water (2,260 
kJ/kg). The above equation can be simplified as follows: 
 x =
 Tin−Tout
100∗L
ηCp
−Tout
  (4.2) 
Hence, the maximum amount of permeate that could be recovered from the feed in a single pass 
(i.e., single pass permeate recovery) can be calculated if the evaporation efficiency of a system is 
known.  
4.2.2 DCMD simulation in ASPEN Plus platform 
An ASPEN Plus (Version 8.8) model developed and validated in a previous study [160] was 
employed to study the impact of feed recirculation on energy requirements of a DCMD system. 
The model included fundamental equations of heat and mass transfer to simulate the operation of 
a countercurrent DCMD system and was used to calculate temperature, concentration and flow 
profiles of the feed and permeate streams. The equations and algorithm used for simulating DCMD 
is presented elsewhere (Section 3 [160]). In short, a step-wise modeling approach where the 
membrane module is divided into sections and energy and mass balance calculations were used to 
determine temperature and flow rates of feed and permeate streams for each section. 
In DCMD, permeate flux can be calculated as follows: 
 J = C(pm,f − pm,p)  (4.3) 
where, J is the permeate flux (kg/m2/hr), C is the membrane distillation coefficient (kg/m2/hr/Pa) 
and pm,f and pm,p are vapor pressures (Pa) at the feed-membrane and permeate-membrane 
interfaces, which correspond to membrane surface temperatures Tm,f and Tm,p, respectively. 
Temperatures of the feed and permeate streams entering the DCMD system were used as the initial 
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guesses of the membrane surface temperatures (Tm,f and Tm,p) and the initial value of the flux (J) 
was calculated using Equation 4.3 with a membrane distillation coefficient (C) of 5.6 kg/m2/hr/kPa 
determined in a previous laboratory-scale study [124]. Properties of the membrane and the spacer 
used in these experiments are available elsewhere [124, 160] while heat transfer coefficients on 
the feed and permeate sides were calculated using Nusselt number correlations and used to 
determine the membrane surface temperatures [160]. These new values for membrane surface 
temperatures were used to determine the new permeate flux (J′) corresponding to the adjusted 
membrane surface temperatures and this iterative procedure was repeated until the relative 
difference between two successive iterations reached a relative difference of 0.1%. The resulting 
permeate flux was used to determine the thermal energy transferred across the membrane, which 
is comprised of the latent heat lost with evaporated water and the heat transferred by conduction 
through the membrane. These results were combined with permeate flux values to calculate mass 
flow rates and temperatures of the feed and permeate streams leaving the module section. Lastly, 
the average feed and permeate temperatures in a module segment were determined and the initial 
guesses of membrane surface temperatures were updated with these values. The whole procedure, 
from updating the initial values of membrane surface temperatures to obtaining the average feed 
and permeate temperatures, was repeated until the relative difference between the average feed 
and permeate temperature estimated in successive iterations was below 0.1%.   
Model calibration and validation using the experimental results from a DCMD system 
operated at different feed temperatures, flow rates and salt concentrations are presented elsewhere 
[160]. The following assumptions were used in the simulations performed in this study: 
1- Process is at steady state. 
2- Heat energy lost to the surroundings is assumed to be negligible. 
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3- Membrane wetting does not occur. 
4- Salt rejection is assumed to be 100%. 
5- Sodium chloride is the only dissolved constituent in the feed.  
6- Membrane area is 0.2 m2. 
7- Membrane distillation coefficient is 5.6 LMH/kPa. 
 
4.3 RESULTS AND DISCUSSION 
The evaporation efficiency depends on membrane characteristics, hydrodynamic conditions in the 
feed and permeate channels, feed salinity and feed and permeate vapor pressures and varies 
significantly for different MD configurations. As demonstrated in Equation 4.2, evaporation 
efficiency is a key factor governing single pass permeate recovery of an MD system and it was 
considered as an independent variable in this study to obtain a general trend in single pass permeate 
recovery. Figure 4.1(a) shows the effect of evaporation efficiency on the single pass permeate 
recovery in an MD system with the feed inlet and exit temperatures of 90 and 40 oC, respectively. 
Because of low permeate recovery in a single pass (i.e., below 10%), it is necessary to return the 
concentrate to the MD module to improve the overall permeate recovery.  Recycle ratio is the ratio 
of mass flow of the recycle stream to the mass flow of the fresh feed to the system. Figure 4.1(a) 
also shows the recycle ratio as a function of evaporation efficiency when the feed consists of 100 
g/L total dissolved solids (TDS) and is concentrated to 200 g/L TDS through a continuous MD 
system shown in Figure 4.1(b). The recycle ratio increases with decreasing evaporation efficiency 
as more concentrate has to be recirculated to achieve the same water recovery. The recycle ratio 
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in this study was calculated based on a mass balance across the MD unit for a given evaporation 
efficiency as described in the Appendix A2. The range of evaporation efficiencies (without heat 
recovery) for DCMD, AGMD and VMD shown in Figure 4.1(a) was obtained from the literature 
[76, 137, 147, 149, 161-164]. As seen in this figure, the percentage of feed recovered as permeate 
in a single pass cannot exceed 10% even if 100% thermal efficiency could be attained in an MD 
system. Previous study has shown that the single pass recovery for DCMD is in the range of 2 to 
6% [140] while Lin et al. [134] reported that the thermodynamic limit for single pass permeate 
recovery in DCMD is 6.4% at a feed temperature of 60oC. It is important to note that the data 
displayed in Figure 4.1(a) are just an example that may not correspond to actual MD systems in 
operation because there may be other factors that influence the required recycle ratio. 
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Figure 4.1. (a) Effect of evaporation efficiency on single pass permeate recovery of MD systems without heat 
recovery. The single pass permeate recovery was calculated for a hypothetical case when the feed enters MD at 90 
oC and leaves at 40 oC. The recycle ratio was calculated for a sample case when the feed consists of 100 g/L of 
dissolved solids and is concentrated to 200 g/L through a continuous MD system shown in Figure 4.2(b) (i.e., 50% 
water recovery). The material balance calculations can be found in the Appendix A2. Single pass recovery was 
calculated by varying the evaporation efficiency in Equation 4.2. (b) Schematic diagram of a continuous MD system 
with recycle and concentrate streams. 
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A study conducted by Al-Obaidani et al. [137] analyzed the economics of a DCMD 
treatment plant designed to produce 24,000 m3/day of pure water with a recovery factor of 80% 
using seawater as feed. The authors estimated the energy demand of this plant by calculating the 
energy required to raise the feed temperature from ambient conditions (i.e., 25 oC) to an operating 
temperature of 55 oC assuming that the system would be operated without any feed recycle.  Based 
on these assumptions and specified plant characteristics, a specific thermal energy consumption 
(STEC) of 54.4 kWh/m3 with respect to permeate can be calculated. As discussed above, it is not 
possible to achieve the recovery factor of 80% in any MD systems without feed recirculation. If a 
single pass permeate recovery of 5% and a DCMD feed exit temperature of 25 oC were assumed, 
the recycle ratio required to achieve 80% water recovery would be 15. In that case, the STEC with 
respect to permeate would be 697 kWh/m3 even with 100% heat recovery because it is necessary 
to reheat the concentrate from 25 oC to the operating temperature of 55 oC after every pass through 
the MD module. This energy requirement is an order of magnitude greater than that calculated 
using the single pass approach discussed by Al-Obaidani et al. [137] and would greatly affect the 
overall economics of the system reported in that study. 
Figure 4.2 shows a hypothetical case where the feed enters DCMD at 90 oC and is 
concentrated using a continuous DCMD system shown in Figure 4.1(b). The permeate flux was 
obtained for a membrane area of 0.2 m2 using an ASPEN Plus simulation developed in a previous 
study [160]. Fresh feed with salt concentration of 100 g/L is assumed to be available at 20 oC and 
the final salt concentration reflects the concentrate characteristics. It should be noted that no heat 
recovery from the permeate stream was considered in these calculations. As seen in Figure 4.2(a), 
the STEC with respect to permeate decreased sharply with an increase in recycle ratio and 
eventually reached a plateau. Such behavior can be explained by the fact that the STEC is 
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comprised of thermal energy requirements of the feed heater, HF, and the recycle heater, HR, with 
the contribution of HF being more significant at low recycle ratios. The STEC with respect to feed, 
however, increased steadily with increasing recycle ratio.  
 
Figure 4.2. Hypothetical case showing the (a) The impact of recycle ratio on STEC with respect to feed and 
permeate, and (b) The impact of recycle ratio on thermal energy consumption (TEC) of recycle heater, HR, with 
respect to feed and permeate for a continuous MD system shown in Figure 4.1(b) with 0.2 m2 membrane area. The 
process was simulated for an MD module with a feed inlet temperature of 90 oC and flow rate of 1500 kg/hr and 
permeate inlet temperature of 30 oC and flow rate of 1500 kg/hr. 
 
The ‘final salt concentration’ shown in Figure 4.2(a) increased with both water recovery 
and recycle ratio, which is due to the impact of water recovery on salt concentration in the 
concentrate as shown in Equation 4.4. 
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where, X is the concentration of salt in the concentrate, Xo is the salt concentration in the fresh 
feed and w is the desired water recovery. As can be seen from Equation 4.4, small changes in water 
recovery lead to large changes in the concentrate salt concentration and this effect is more 
pronounced at higher water recoveries. For instance, concentrating 100 g/L of feed to 200 g/L 
corresponds to a 50% water recovery and a STEC of 331 kWh/m3 with respect to feed whereas 
concentrating a 200 g/L feed to 300 g/L corresponds to a water recovery of 33.3% and a STEC of 
236 kWh/m3 with respect to feed (not shown in Figure 4.2(a)). While the absolute increase in salt 
concentration across the MD module is equal in both cases, the difference in water recovery leads 
to different thermal energy requirements. 
The effect of recycle ratio on the overall energy requirements in a DCMD system is not 
easily discerned from Figure 4.2(a) due to overwhelming contribution of the feed heater, HF, 
towards the total thermal energy consumption at low recycle ratios. Hence, thermal energy 
consumption of the recycle heater, HR, was calculated as a function of recycle ratio and is shown 
in Figure 4.2(b). As can be seen in this figure, the recycle ratio and water recovery have significant 
impact on the energy requirements of HR. As the recycle ratio increases to 10, the total thermal 
energy requirement of the recycle heater increases to 460 kWh/m3 of permeate and then levels off 
to approach 600 kWh/m3 as the recycle ratio approaches 40.  The increase in thermal energy 
requirements with respect to feed at low recycle ratios is not as dramatic but it approaches 380 
kWh/m3 of feed as the recycle ratio approaches 40. Since the recycled concentrate is at a lower 
temperature than the operating temperature of the MD feed stream, the recycled stream must be 
heated to the operating temperature, which adds to the overall thermal energy requirements of the 
system. This is true even when heat recovery systems are employed as it is not possible to achieve 
100% heat recovery. 
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Thermal energy consumption is also influenced by the total dissolved solids (TDS) in the 
feed. For example, 50% water recovery for a feed stream with TDS of 100 g/L (i.e., Concentrate 
TDS = 200 g/L) requires 256 kWh/m3 of feed for HR (Figure 4.2(b)), whereas that when 
concentrating a feed stream with TDS of 150 g/L (i.e., Concentrate TDS = 300 g/L) requires 376 
kWh/m3 of feed (data not shown). This difference is due to a 31% decrease in evaporation 
efficiency when the feed TDS increases from 100 to 150 g/L, which decreases the single pass water 
recovery and increases the recycle ratio from 22 to 27, resulting in much higher thermal energy 
requirement for HR. In addition, the specific heat capacity of the feed also influences the 
evaporation efficiency (Equation 4.1). For example, the specific heat capacity of NaCl solution at 
90oC decreases from 3.842 kJ/kgK at 100 g/L to 3.675 kJ/kgK at 150 g/L (ASPEN Plus database). 
This difference in specific heat capacity results in much lower enthalpy of NaCl solution at higher 
concentration. The specific enthalpy (i.e., enthalpy per unit mass) of NaCl solution at a reference 
temperature of 25oC for example decreases from 249.8 kJ/kg at 100 g/L to 238.8 kJ/kg at 150 g/L. 
Because the latent heat of vaporization of NaCl solution remains constant irrespective of the salt 
concentration (i.e., 2285.13 kJ/kg at 90oC, ASPEN Plus database), the solution with lower salt 
concentration will evaporate more water for the same reduction in specific enthalpy (or the same 
reduction in temperature) when compared to the solution with higher salt concentration (i.e., the 
solution with 100 g NaCl/L will evaporate 0.0048 kg of water more than the solution with 150 g 
NaCl/L for a temperature decrease of 65 oC).  
In addition to energy required to reheat the concentrate stream, it is also important to take 
into account the electrical energy required to recirculate the concentrate stream when calculating 
the overall energy consumption in an MD system. Figure 4.3 shows the effect of recycle ratio on 
the specific electrical energy consumption (SEEC) due to additional energy required for pumping 
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the recycle stream through the MD system. The details of these calculations are included in the 
Appendix A2. As can be seen in Figure 4.3, the SEEC increases up to 2.9 kWh/m3 of permeate 
when the recycle ratio approaches 40. Although the total amount of electrical energy required for 
concentrate recycling is quite small compared to the thermal energy required to reheat the 
concentrate, it may be important for the life cycle assessment of the MD system in terms of 
greenhouse gas emissions and other environmental impacts.  
 
 
Figure 4.3. Variation of specific electrical energy consumption (SEEC) for pumping the recycle stream for the 
conditions shown in Figure 4.2. The electricity requirement was calculated assuming a pressure difference of 20 psi 
and a pump efficiency of 80% (Calculation method is shown in the Appendix A2). 
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4.4 CONCLUSIONS 
Studies focused on MD seldom report the recycle ratio and its impact on the overall energy 
consumption of this process. A simple approach to estimate the single pass water recovery and the 
recycle ratio in an MD system based on the evaporation efficiency was used in this study to 
demonstrate the importance of recirculation on the overall energy consumption of a DCMD 
system. This study suggests that it is not possible to have a single pass recovery of more than 10%, 
even with 100% evaporation efficiency and that feed recirculation would be required if higher 
water recovery is desired. A previously developed ASPEN Plus model that uses fundamental heat 
and mass transfer equations to simulate DCMD performance was employed to study the effect of 
feed recirculation on the energy demand of this system. The results from this study indicate that 
the need for concentrate recycling accounts for a significant fraction of thermal and electrical 
energy in MD system. For example, an increase in the water recovery in a DCMD module with 
0.2 m2 of hydrophobic membrane with a membrane distillation coefficient of 5.6 LMH/kPa from 
10 to 50% for a feed solution containing 100 g/L of NaCl would increase the required recycle ratio 
from 3 to 22 and a corresponding increase in thermal energy requirements of the recycle heater 
(HR) from 39 to 256 kWh/m3 of feed. This change in the water recovery also corresponds to an 
increase in the electrical energy consumption from 0.14 to 1.05 kWh/ m3 of feed. 
This study also illustrates that an increase in feed salt concentration reduces evaporation 
efficiency and single pass water recovery, which increases the recycle ratio required for a given 
overall water recovery. A 10% water recovery using MD when the feed contains 100 g/L of 
dissolved salts has significantly lower energy requirements for HR (58 kWh/m3 of feed and a 
recycle ratio of 4) than that when the feed contains 250 g/L of dissolved salts (90 kWh/m3 of feed 
and a recycle ratio of 8). Specific heat capacity of the feed was also identified as a factor that 
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influences system performance because the lower salt concentration in the feed results in greater 
water evaporation for the same reduction in specific enthalpy or the same reduction in temperature. 
It is recommended that future laboratory and pilot-scale MD studies should include information 
on single pass conversion and recycle ratios needed to achieve a desired water recovery as their 
impact on energy consumption is critical to provide accurate assessment of operating costs and 
improve the performance of MD systems.  
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5.0  CONCENTRATION POLARIZATION IN DIRECT CONTACT MEMBRANE 
DISTILLATION: DEVELOPMENT OF A LASER-BASED SPECTROPHOTOMETRIC 
METHOD FOR ITS CHARACTERIZATION 
Membrane-based processes have gained prominence for environmental and industrial separations, 
especially in water purification and desalination. In spite of these developments, a fundamental 
knowledge gap exists with regards to fully understanding the processes that occur at or near the 
membrane surface. Concentration polarization is a phenomenon that may have a significant impact 
on mass transfer and formation of solids on the membrane surface. While attempts have been made 
to experimentally characterize this phenomenon for pressure-driven filtration processes, most 
studies employ semi-empirical methods to estimate the extent of concentration polarization 
without actually measuring the concentration of solute near the membrane surface. In addition, the 
methods developed to study concentration polarization in membrane processes have not been 
applied to membrane distillation when treating saline wastewaters. This study presents a novel 
spatially resolved non-intrusive spectrophotometric method developed to measure the 
concentration profile of solute near the membrane surface in a direct contact membrane distillation 
system. A custom membrane cell was designed and fabricated for this study which allowed passage 
of light across the feed channel. This spectrophotometric method was developed and validated 
using transition metal salt (nickel chloride) in the feed solution to detect the concentration gradient 
near the membrane surface. The method developed in this study can be extended to other 
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membrane-based separation processes that experience concentration polarization and for different 
solutes if the absorption spectra of the solute is known. 
5.1 INTRODUCTION 
Membrane Distillation (MD) is a thermal separation process that is driven by the vapor pressure 
difference across a hydrophobic membrane. MD employs hydrophobic membranes with a high 
liquid entry pressure (LEP), which prevents the passage of water through the membrane when the 
feed pressure is below the LEP. This process can achieve complete rejection of ions and non-
volatile organics as long as the membrane pores are not wetted. MD has immense potential in the 
desalination of high salinity wastewaters where reverse osmosis is not feasible. As MD is a thermal 
separation process, polarization effects include both temperature and concentration polarization. 
The effect of temperature polarization on MD performance has been studied extensively in the past 
[81, 82]. However, concentration polarization has not been studied in great detail when evaluating 
MD performance. This is partly because most studies were conducted at low salt concentrations 
where concentration polarization does not result in a significant mass transfer resistance [81, 94, 
165]. Previous work on treatment of high salinity produced water from unconventional gas 
extraction has shown that the concentration of salts at the membrane surface can be up to 30% 
higher than that in the bulk when the feed solution approaches saturation conditions [124]. 
Concentration polarization has been linked to membrane scaling or fouling and can greatly 
influence the overall performance of membrane-based separation processes [166]. Several studies 
have been focused on experimentally measuring the concentration polarization [166-168] for 
pressure driven membrane processes. Refractive index is one of the several properties of a solution 
 80 
that is affected by the concentration of solutes. Vilker et al. [169] employed an optical 
shadowgraphic method to measure the change in refractive index of the solution due to 
concentration gradient for an unstirred dead end ultrafiltration system with bovine albumin serum 
as the solute. Ethier and Lin [170], and Gowman and Ethier [171, 172] also applied the optical 
method based on the variation in refractive index to measure the concentration profile of 
hyaluronic acid in an unstirred dead-end ultrafiltration system. These optical methods were able 
to measure the concentration profile of the solute to about 100-200m above the membrane 
surface.  While the resolution obtained by these optical methods was satisfactory, this method 
cannot be applied to membrane distillation where the presence of temperature polarization can 
interfere with the refractive index measurements, as refractive index varies with temperature [173]. 
Holographic interferometry has also been employed as another optical method to evaluate 
the concentration profile for flat sheet reverse osmosis [174, 175] and ultrafiltration systems [176, 
177]. Several studies also reported the use of nuclear magnetic resonance (NMR) imaging to obtain 
the concentration profile for oil-water emulsion [178, 179] and silica colloidal suspension in water 
[180] when studying cross-flow hollow fiber microfiltration systems. While NMR requires 
complex instrumentation, it is a powerful tool which can characterize the concentration profile of 
colloidal systems with a spatial resolution of up to 10 m [166]. McDonogh et al. [181] employed 
a radio-isotope labeled protein to measure the concentration of protein accumulated near the 
membrane surface using a scintillation detector. This method suffered from the fact that the solute 
under study needed to be labelled with a radio isotope. Hence, this technique could only be applied 
for specific solutes which could be labelled with a radio isotope and was not applicable for all 
types of solutes.  The same group of researchers also developed an electronic diode array 
microscope (EDAM), which uses a collimated near infrared beam of light channeled across a flat 
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sheet micro-filtration cell to measure the concentration profile of dextran blue in water [181]. The 
concentration of solute (dextran blue) was measured by the intensity of light detected by a CCD 
detector. While this technique was very simple and effective, the authors reported up to 23% 
relative error in the measurement of concentration. The authors of that study [181] also did not 
compare their results with theoretical models of estimating concentration polarization. Kroiß et al. 
[167] described three optical methods to measure the concentration profile in membrane 
distillation and reverse osmosis. However, experiments were only conducted with a reverse 
osmosis setup to check the validity of the proposed methods. Although studies available in the 
literature have been focused on measuring the solute concentration profile for pressure driven 
membrane systems, no study has attempted to measure the concentration polarization in membrane 
distillation, especially when operating with high salinity feed solution. 
This study is focused on developing a simple optical technique to measure the 
concentration of solute in the concentration polarization layer in a direct contact membrane 
distillation (DCMD) system. To achieve this objective, a visible spectrophotometer with a spatial 
resolution of 4.5 m was developed based on the optical method used by McDonogh et al. [181] 
using a collimated laser beam as the light source and a CCD line camera as the detector. A 
membrane cell with a transparent feed channel was constructed to measure the concentration of 
solute near the membrane surface and within the boundary layer of the feed stream. The DCMD 
module was mounted on adjustable support to precisely position it between the light source and 
the detector such that the incident light is parallel to the membrane surface and the transmitted 
light is captured by the detector. The entire experimental system was mounted on an optical 
breadboard with passive dampeners to reduce impact of vibrations on the spectrophotometric 
analysis. Light absorption near the membrane surface that is proportional to the concentration of 
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dissolved ions was used to analyze their concentration. The optical system developed in this study 
presents a simple yet powerful method of characterizing concentration polarization in membrane-
based systems. 
 
5.2 MATERIALS AND METHODS 
5.2.1 Detection of concentration polarization by visible light 
A DCMD cell with a transparent feed channel was fabricated to facilitate measurement of solute 
concentration near the membrane surface and within the boundary layer on the feed side of the 
membrane module. The cell was equipped with a custom spectrophotometer and mounting system 
that facilitated positioning of the light source and the detector parallel to the membrane surface 
and perpendicular to the direction of feed flow. A schematic diagram of the principle of operation 
is shown in Figure 5.1. The DCMD cell was positioned between the light source and the detector 
such that the incident light is parallel to the membrane surface and the transmitted light was 
captured by the detector.  
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Figure 5.1. Schematic diagram of the optical setup used for measuring the concentration of solute close to the 
membrane surface. The light rays pass through the hydrodynamic boundary layer where it is partially absorbed by 
the solute and the transmitted light is captured by the detector. 
5.2.2 Solute selection 
Most MD studies are focused on separation of salts from water with sodium chloride as the 
dominating salt [61, 160, 182]. While sodium chloride would be an ideal salt for this study, it 
exhibits a negligible change in absorption with varying concentration [183, 184]. Hence, as 
transition metals absorb light in the ultraviolet and visible (UV-Vis) spectrum [185], transition 
metal chloride salts, namely cobalt chloride (CoCl2), copper chloride (CuCl2) and nickel chloride 
(NiCl2), were initially selected for measuring concentration polarization with the proposed method. 
The metal salts were obtained from Acros Organics (New Jersey, USA). Preliminary absorbance 
measurements of these salts were obtained by using a UV-Vis Spectrophotometer (Genesys 10S, 
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Thermo Fisher Scientific, Waltham, MA) in the wavelength range of 200 to 1100 nm. The data 
obtained from the Genesys 10S system was utilized only to select a single salt that could be used 
in the optical system. 
5.2.3 MD cell 
Figure 5.2 shows the cross-sectional side view and the top view of the membrane cell. The 
membrane cell was fabricated from clear acrylic material. The membrane was sandwiched between 
two acrylic halves which were lined with a thin layer of PTFE (Teflon) tape. The PTFE tape acted 
as a gasket to seal the two halves of the cell. As concentration polarization occurs near the 
membrane surface, it was necessary to construct a transparent channel for the feed in the vicinity 
of the membrane to facilitate the passage of light for probing this layer. Hence, the channel in the 
top half of the cell was open along the length while the bottom half of the cell was similar to a 
conventional membrane cell.  The hydrophobic microfiltration membrane was secured in place by 
folding around the bottom half of the cell. Shims with different thicknesses were cut for both halves 
of the cell to adjust the channel depth and secured in their position using flat head screws. 
 As the channel in the top half of the cell was open, a transparent side was needed to contain 
the liquid inside. Hence, the two halves of the acrylic cell were sandwiched between 1/8th inch 
glass plates, which were lined with a silicone gasket along the edges. The glass plate was secured 
to the cell using metal holding plates with opening in the center. The metal plates were fixed to 
the two halves of the cell using screws. The opening in the metal plate allowed light to pass through 
the feed channel (i.e., the channel formed by the top half of the membrane cell). It should be noted 
that the metal plate, too, was lined with a silicone gasket. The purpose of this gasket was to provide 
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uniform pressure against the glass plate so that the glass plate does not crack or break when the 
metal plate was tightened using screws. 
 
 
Figure 5.2. Cross-sectional side view and top view of the membrane cell. 
 
 The membrane cell was assembled by first tightly wrapping the membrane around the 
bottom half of the cell. Next, the top half of the cell was secured using nuts and bolts while making 
sure that the membrane surface was visibly flat and devoid of any kinks. Glass plates lined with a 
silicone gasket were then secured on the sides of the membrane cell with the metal holding plate 
using screws. The whole cell was secured to a metal mounting plate which rested on thumbnuts 
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attached to threaded studs. The thumbnuts were used to ensure that the position of the cell did not 
change throughout the experiments. The threaded studs were fixed to the optical breadboard 
(MB1218, Thorlabs, Newton, NJ). This arrangement acted as a gimbal which was used to position 
the membrane parallel to the beam of light passing through the top half of the membrane cell. A 
3D figure of the membrane cell can be seen in Figure 5.3.  
 
Figure 5.3. 3-D illustration of the (a) top and bottom half of the membrane cell, (b) assembled membrane cell 
mounted on the metal mounting plate. 
 
 A 0.2μm pore size polytetrafluoroethylene membrane with a polypropylene support, 
obtained from Sterlitech (Kent, WA), was used for all the experiments in this study. A spacer was 
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used on the permeate side, while the feed channel was open without any spacer. The channel 
dimension was 24mm x 70mm with a depth of 5mm on the feed side and 20mm x 70mm with a 
depth of 1mm on the permeate side. The characteristics of membrane and spacer are shown in 
Table 5.1. The feed channel was painted black from inside to prevent light scattering and reflection 
within the channel. 
Table 5.1. Characteristics of spacer and membrane used in this study. 
Spacer thickness (mm) 1 
Filament thickness (mm) 0.5 
Spacer angle 90o 
Mesh size (mm) 1.6 
Spacer porosity 0.75 
Membrane mass transfer coefficient (LMH/kPa) 4.4 [124] 
5.2.4 Light source and collimation 
Light emitting diode (LED) having a 660 nm wavelength (LED660L, Thorlabs, Newton, NJ) was 
initially selected as the light source for the optical setup. However, as the LED was not a true point 
source, the collimation of LED was poor resulting in a slightly diverging beam. Due to beam 
divergence it was not possible to obtain a beam parallel to the membrane surface. A laser source, 
which acts as a true point source, with a wavelength of 670 nm (CPS670F, Thorlabs, Newton, NJ) 
was therefore selected for this application. Laser light emitted from the laser diode was collimated 
by a spherical lens into the free space. The collimated beam had an elliptical beam profile with the 
ratio between its two semi-major axes of 4.6. The beam was reflected twice by two silver mirrors 
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with horizontal and vertical tilt adjustability. The two mirrors together enabled full control of the 
position and angle of the laser. The resulting beam was focused onto a single mode fiber by another 
spherical lens. The laser beam was simply focused onto the fiber core for coupling regardless of 
the shape and spot size of the beam spot. This is because the laser used in this setup delivered 
sufficient intensity exiting the fiber even with a low coupling efficiency. Improvement of the 
coupling efficiency can be made by using anamorphic prisms to change the beam profile to a 
spherical shape and adjust the beam spot size to fill the fiber core after focusing. The beam size 
can be changed by adding a pair of lenses configured as a telescope. The schematic representation 
of the optical assembly used in this work for coupling the beam is shown in Figure 5.4. The beam 
exits the single mode fiber from the other end into the experimental setup. It is again collimated 
and propagated into free space using a fixed collimation lens (F810FC-780, Thorlabs, Newton, 
NJ) which had a coupling beam diameter of 7.5 mm. The use of single mode fiber allowed the 
laser source assembly to be isolated from the main optical system. Moreover, since the single mode 
fiber is designed to carry a single wavelength of light, all other wavelengths are prevented from 
entering the setup. 
 
 
Figure 5.4. Schematic representation of the assembly used to obtain the laser source in a single mode optical fiber. 
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The intensity of light registered by the high sensitivity CCD line camera (Thorlabs LC100) 
when using LED and laser as the light source is shown in Figure 5.5. In Figure 5.5, the x-axis 
denotes the camera pixel number, which represents the position of each individual sensor of the 
camera (i.e., also known as pixel). The figure shows that beam intensity was not uniform for the 
LED and exhibited an unstable intensity profile. The laser, however, resembles a Gaussian beam 
with a relatively smooth profile. 
 
Figure 5.5. Comparison between the LED and laser patterns when the membrane cell was absent 
5.2.5 Experimental System 
All the components of the optical setup were obtained from Thorlabs (Newton, NJ). The schematic 
of the optical setup is shown in Figure 5.6. As discussed above, a fiber coupled laser with a 
wavelength of 670 nm was used as the light source. The laser was collimated by using a fiber 
collimation package (Thorlabs F810FC-780) which provided an output laser beam with a 7.5 mm 
diameter. The collimated beam was directed to an iris and absorptive neutral density (ND) filters 
before entering the membrane cell. The iris was used to control the size of the beam that entered 
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the membrane cell, while the ND filters blocked a fraction of light to ensure that the camera pixels 
were not saturated. A set of ND filters with absorbance ranging from 0.3 to 3 were used to adjust 
the intensity of light detected by the camera. For each set of experiment, the ND filter arrangement 
was kept constant to avoid any variation in the light path. A set of lenses with focal lengths of 
30mm and 100mm (Lens1 and Lens2, respectively, in Figure 5.6(a) were used to magnify as well 
as focus the light rays entering the camera. As shown in Figure 5.6 (b), the lenses were held 
together through an adjustable length lens tube which was mounted directly onto the camera. The 
lenses were arranged such that the focal plane of lens 1 (see Figure 5.6 (a)) was close to the edge 
of the membrane cell, while that of the lens 2 was on the camera pixels. This arrangement enabled 
a sharp image on the camera with a 3x zoom which was then recorded as an intensity profile. The 
camera used for this application was a high sensitivity CCD line camera with 2048 pixels arranged 
vertically in a single line. Each pixel had a width of 56μm and a height of 14μm. The camera 
integration time, which is the duration for which the pixels are exposed to light, could be varied 
from 1ms to 50s and could detect wavelength in the range of 350-1100 nm. The setup was mounted 
on an optical breadboard (MB1218, Thorlabs) with sorbothane feet (AV4, Thorlabs) which acted 
as dampeners to reduce the impact of vibrations. The whole assembly was covered in a box lined 
with a light absorbing black paper from inside to prevent stray light from entering the setup. 
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Figure 5.6. (a) Schematic diagram of the experimental optical setup, (b) picture of the experimental setup. 
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Due to the 3x zoom obtained by the lens system, each camera pixel was estimated to 
measure about 4.7 μm (i.e., one third of the 14 μm height of each pixel) of the image. A micrometer 
scale (MR095, Amscope, Irvine, CA) with a least count of 10 μm was used to calibrate the distance 
corresponding to each camera pixel and calculate the actual magnification obtained through the 
lens system. It was found that each pixel on the camera corresponded to 4.5 μm of vertical distance 
with respect to the membrane surface. Therefore, the actual magnification of the camera was in 
fact 3.1x (i.e., 14/4.5), which is very close to the expected magnification of 3x. 
The experimental system for DCMD was similar to a previous study [124] and showed 
highly reproducible experiments with a maximum standard deviation of ±0.3 LMH in the permeate 
flux. All the DCMD experiments were carried out in a countercurrent manner with a flat sheet 
membrane. Black pipes were used for connecting the membrane cell to the pumps and feed and 
permeate tanks to avoid stray light from entering the setup. The pipes passed through the walls of 
the box, which contained the optical parts, with minimum clearance to prevent any stray light from 
entering the setup. 
5.2.6 Membrane positioning 
Positioning the membrane surface parallel to the collimated laser beam is critical to enable 
measurement of solute concentration close to the membrane surface. As shown in Figure 5.7, a 
significant portion of the incident light is blocked by the membrane and fewer pixels in the camera 
are able to detect light when the membrane is not completely parallel to the beam of light (Figure 
5.7(a) and (b)). However, for a given direction of light path, there exists a membrane position when 
maximum number of pixels are exposed to the incident light. This position marked the position of 
membrane when it was parallel to the light rays (Figure 5.7 (c)). To achieve such alignment, the 
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membrane cell was incrementally tilted along the longitudinal axis in both directions while 
monitoring the intensity patterns recorded by the camera. Optimal positon of the cell was achieved 
when maximum number of pixels on the camera detected the light and tilting the membrane cell 
in any direction from this position resulted in blocking of light rays. 
 
 
Figure 5.7. Schematic representation of light path when (a-b) membrane is tilted and (c) membrane is parallel to the 
beam of light. 
5.3 RESULTS AND DISCUSSION 
5.3.1 Solute selection 
As mentioned before, the Genesys 10S UV-Vis spectrophotometer was used for salt selection 
among several transition metal salts. The UV-Visible spectrum obtained from Genesys 10S for 
different transition metal salts has been shown in Appendix A3. The UV-Visible spectrum of 
copper chloride (shown in Appendix A3) showed a very high absorbance at wavelength below 400 
nm and above 600 nm. The absorption was so high (i.e., greater than 3) that the spectrophotometer 
was not able to provide accurate results beyond a concentration of 25 g/L. Cobalt chloride 
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exhibited an absorbance of 0.075 to 1.95 in a narrow range of wavelength (about 450 to 550 nm) 
when the concentration varied up to 55 g/L. Nickel chloride (Figure 5.8), on the other hand, showed 
high absorbance at 400 nm and a much lower absorbance in the wavelength range of 600 - 800 
nm. The absorbance of light by nickel chloride solution with respect to concentration and the 
correlation between absorbance and concentration at specific wavelengths is shown in Figure 5.8. 
Copper chloride showed much greater variation of absorbance with concentration, which would 
be beneficial in detecting small changes in the solute concentration.  However, very high 
absorbance meant that the light detector (i.e., camera) would need to have a very high dynamic 
range to provide accurate results throughout the entire concentration range that was selected for 
this study. While Cobalt chloride showed absorbance similar to nickel chloride, the range of 
wavelength in which cobalt chloride exhibited absorbance was very narrow resulting in a limited 
choice in the selection of light source for the optical method. Relatively low absorbance of nickel 
chloride in a much broader visible wavelength range (i.e., 600 - 800 nm) as well as a linear change 
in absorbance with a very high coefficient of correlation (shown in Figure 5.8 (b)) was the main 
reason why nickel chloride was chosen for this study.  
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Figure 5.8. (a) UV-visible absorption spectra for nickel chloride in de-ionized water, (b) correlation between light 
absorbance and nickel chloride concentration at different wavelengths. 
5.3.2 Light absorbance in MD cell 
The refractive index of a salt solution changes with varying salt concentration [186]. As the change 
in refractive index can lead to variation in the direction of light while traveling through different 
phases, i.e. air to glass to liquid in the membrane channel in this case, it was important to analyze 
the magnitude of this variation at different salt concentrations that will be used in this study. The 
change in the light pathway due to change in concentration of solute (i.e, drift) was analyzed by 
recording the intensity pattern of light observed by the camera at varying nickel chloride 
concentrations. The membrane cell was first positioned between the light source and camera and 
the membrane was aligned parallel to the path of laser. A change in the light direction can be 
detected more effectively if a small beam of laser is used. Hence, a 1.5 mm collimating lens was 
used in this case so that the whole beam could pass through the membrane cell (as the channel 
height was 5 mm) and distinguishable peaks would be recorded by the camera. Any change in the 
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direction of light due to changing concentration would result in a shift in the peaks recorded by 
the camera. Nickel chloride solution in the concentration range from 40 to 65 g/L was pumped 
through the membrane cell at room temperature and flow rate of 0.5 liter/min (LPM). The light 
intensity detected by the camera for varying solute concentration is shown in Figure 5.9. As 
expected, the light intensity reaching the camera decreased with increasing salt concentration due 
to absorption of light by the salt. However, the absence of any shifting of intensity peaks meant 
that the changing refractive index due to changing solute concentration did not affect the path of 
the light and the light rays were perfectly perpendicular to the membrane cell. 
 
Figure 5.9. Light intensity recorded by the camera for varying nickel chloride concentrations flowing through the 
feed channel (Temperature = 23 oC; Feed flow rate = 0.5 LPM; Permeate flow rate = 0.2 LPM). 
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5.3.3 Effect of temperature and flow rate on absorbance 
In addition to concentration polarization, DCMD also exhibits temperature polarization which 
results in a temperature gradient near the membrane surface [187]. Hence the absorbance 
measurements using the optical method needed to be unaffected by the temperature of the feed 
solution. Moreover, the flow rate of feed would also be significantly lower near the membrane 
surface and within the boundary layer and the absorbance measurements needed to be unaffected 
by the feed flow rate too. Hence, to evaluate the effect of temperature and flow rate on absorbance 
measurements, several tests were carried out with the 7.5 mm collimating lens at experimental 
conditions relevant for the operation of DCMD module. Figure 5.10 shows the absorbance as a 
function of NiCl2 concentrations at varying feed temperatures and flow rates across the feed 
channel. The calibration curves shown in Figure 5.10 were obtained for triplicate results at each 
temperature and flow rate. The following equation was used to obtain the light absorbance of the 
salt solutions [188]: 
 𝐴𝑏𝑠𝑜𝑟𝑏𝑎𝑛𝑐𝑒 = log (
𝐼𝑜
𝐼
)  (5.1) 
where, Io is the intensity of light recorded when the feed channel was filled with deionized water 
and I is the intensity of light recorded when the feed channel was filled with salt solution. Although 
the variation in feed temperature and flow rate had virtually no impact on absorbance as indicated 
by almost identical slopes at different temperatures, statistical analysis was carried out to 
investigate the level of variation in the absorbance measurements due to these factors. The results 
from the statistical analysis are shown in the Appendix A3. According to the analysis, the variation 
in the absorbance due to changing temperature and flow rates was less than 8% in all the cases 
studied in this work. Hence, the effect of feed temperature and flow rate is regarded as completely 
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random and bulk feed concentration will be considered as the only factor affecting the 
measurement of absorbance values. Additionally, to prevent any errors in measurements due to 
changing temperature or flow rates, calibration curves (i.e., absorbance vs concentration) were 
generated for each experiment that was carried out with the optical setup. 
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Figure 5.10. Correlation of absorbance with nickel chloride concentration at feed temperatures of (a) 40 oC, (b) 50 
oC and (c) 60 oC when the feed flow rate was 0.5 LPM and at feed flow rates of (d) 0.2 LPM, (e) 0.4 LPM and (f) 
0.6 LPM when the feed temperature was 50 oC. 
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5.3.4 Evaluating the concentration gradient in MD cell 
DCMD experiments at a feed temperature of 60oC and feed flow rate of 0.5 LPM were carried out 
to evaluate the solute concentration profile using the optical system developed in this study. The 
permeate-side temperature and flow rate were maintained at 20oC and 0.2 LPM, respectively. Pure 
water was initially supplied on the feed side of the cell at 60oC to record the light intensity pattern 
which would be used as the reference for absorbance calculations. Salt solution was then 
introduced at the feed temperature of 60oC to obtain the concentration profile near the membrane 
surface. Figure 5.11 shows the concentration profile obtained with the optical setup when the feed 
concentration was varied from 27.3 g/L to 54.5 g/L. The x-axis, in Figure 5.11, represents the 
distance from the membrane surface in to the bulk feed stream. As mentioned above, a micrometer 
scale was used to evaluate the actual scale of measurement. The pixels were converted into distance 
by means of this scale (one pixel was equivalent to 4.5 m of vertical distance from the membrane 
surface). To obtain the concentration of solute shown on the y-axis in Figure 5.11, the intensity 
recorded by the camera at different solute concentrations was first converted to absorbance by Eqn. 
1. The absorbance was then converted to concentration by using the calibration curve shown in 
Figure 5.10.  
As shown in Figure 5.11, the concentration of NiCl2 is significantly higher at the feed-
membrane interface. For instance, at a feed concentration of 54.5 g/l, the concentration of solute 
at the feed-membrane was 80 g/l, i.e. 47 % higher than the bulk feed concentration. The 
concentration gradient can be clearly seen at all three concentrations. At feed concentrations in 
excess of 100 g/l, the intensity could not be recorded by the camera without removing the ND 
filters. Removing the ND filter would mean that the light path would be slightly altered. This was 
important as all the intensity profiles recorded by the camera were compared to pure water intensity 
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profile (which needed ND filters in order to prevent saturation of camera pixels). Hence, the 
intensity profile at concentrations beyond 100 g/l without ND filters could not be compared with 
the intensity of pure water with ND filters. The feed concentration was therefore limited to 100 g/l 
to accurately measure the concentration of salt at the membrane surface.  
 
 
Figure 5.11. Concentration profile of NiCl2 near the membrane surface. The feed and permeate flow was 0.5 and 0.2 
LPM respectively, while the feed and permeate temperatures were maintained at 60 and 20 oC respectively. 
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work will be focused on nickel chloride concentrations below 100 g/L to study the dynamics of 
concentration polarization where the impact of feed flow rate, temperature and salt concentration 
on the concentration polarization layer will be evaluated. In addition, the experimentally obtained 
concentration polarization coefficient and the thickness of the polarization layer will be validated 
against semi-empirical models that are used currently.  
5.4 CONCLUSIONS 
The potential of a spectrophotometric technique for characterization of the concentration 
polarization layer in DCMD (i.e., thickness and concentration profile) has been demonstrated in 
this study. To realize the novel technique, a custom membrane cell was fabricated which allowed 
passage of light perpendicular to the feed flow and parallel to the membrane surface. A spatially 
resolved visible (wavelength – 670 nm) spectrophotometer with a resolution of 4.5 μm was 
constructed with a laser as the light source and a linear CCD camera as the sensor. The workability 
of this technique was demonstrated by testing with nickel chloride solutions up to 55 g/l; the 
concentration gradient near the membrane surface was clearly visible for the results presented in 
this study. The experimental system developed in this study was limited to concentrations below 
100 g/L of salt concentration in the feed due to the high absorbance at high salt concentrations. 
The applicability of this novel technique to evaluate concentration polarization in membrane 
distillation was validated by using statistical analysis. The results from statistical analysis indicated 
that feed temperature and flow rate had a negligible effect on the absorbance measurements by the 
optical setup and that the method described in this work can measure the concentration polarization 
coefficient and boundary layer thickness irrespective of temperature and flow rate. Future work 
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will be aimed at using the spectrophotometric technique to evaluate the effect of feed temperature, 
hydrodynamic conditions and salt concentration on the extent of concentration polarization. 
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6.0  CONCENTRATION POLARIZATION IN DIRECT CONTACT MEMBRANE 
DISTILLATION: QUANTITATIVE ANALYSIS AND COMPARISON WITH 
CONVENTIONAL APPROACH OF ESTIMATION 
Concentration polarization occurs in almost all membrane based separation processes. In this study 
the concentration profile of dissolved salt has been accurately characterized using a laser based 
spectrophotometric method. The spectrophotometric method developed previously is a non-
intrusive method customized for a direct contact membrane distillation system, wherein the feed 
solution contained a transition metal salt. The amount of light absorbed by the salt at a particular 
wavelength was correlated to the salt concentration that was measured along the distance from the 
membrane surface using a linear CCD camera. This spectroscopic method can probe the solute 
concentration profile near the membrane surface with a spatial resolution of 4.5 m. The objective 
of the current work was to probe the concentration profile of solute and analyze the impact of 
operating parameters, such as feed concentration, hydrodynamic conditions and feed temperature, 
on the solute concentration profile in the boundary layer. This study also examined the validity of 
the conventional approach where semi-empirical models are used to estimate the boundary layer 
thickness (BLT) and concentration polarization coefficient (CPC) against experimental results. 
Nusselt correlations were developed specifically for the membrane cell and validated through 
experimental observations at the operating conditions used in this study. A key finding of this 
study is that the conventional approach of estimating the effect of concentration polarization 
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severely under predicts the BLT and CPC. The results of this study highlight the need to develop 
new methods to estimate the BLT and CPC as the conventional approach of using the parameters 
of Nusselt correlation for the Sherwood correlation does not agree with experimental observations 
obtained for a membrane distillation system.  
6.1 INTRODUCTION 
Membrane distillation (MD) is an evaporative process that uses microporous hydrophobic 
membranes for the recovery of high purity permeate. While there are several configurations in 
which MD can be operated [189], direct contact membrane distillation (DCMD) is regarded as the 
simplest one. In DCMD, the hydrophobic membrane is in direct contact with a saline feed stream 
on one side and a pure permeate stream on the other. The feed stream is at a much higher 
temperature than the permeate stream and this temperature difference creates a vapor pressure 
difference across the hydrophobic membrane, which is the driving force for MD operation. 
Because the membrane is hydrophobic, the liquid phase saline feed remains in the feed side while 
water vapor can traverse across the membrane to the permeate-side. As only vapors are transported 
across the membranes, MD exhibits almost complete rejection of salts and other non-volatile 
compounds as long as the membrane retains its hydrophobicity. Although DCMD is predominantly 
studied for desalination of sea water [35, 42, 48], it has also been studied for concentration of fruit 
juice [49-51], recovery of acid [52], separation of heavy metals from water [46], removal of 
radioactive contaminants from wastewater [47] and recovery of fresh water from high salinity 
produced water [62, 124, 160]. 
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The presence of temperature polarization in an MD process (i.e., the temperature difference 
between the feed and permeate-side at the membrane surface is much smaller than that in the bulk) 
can results in a significant flux drop due to a reduction in the driving force (i.e., vapor pressure 
difference between the feed and permeate-side). This phenomenon has been well studied in MD 
literature [81, 82, 187, 190, 191]. However, MD experiences another polarization phenomenon 
known as concentration polarization (CP), where the concentration of the solute is much higher at 
the feed-membrane interface than that in the feed bulk. CP is exhibited only on the feed side in 
MD, as the permeate side is virtually devoid of salts. Significant importance has been given to CP 
in pressure-driven membrane processes such as ultrafiltration and reverse osmosis [175, 177] as 
the flux decline due to this effect can be severe. However, only a few studies focused on the impact 
of CP in membrane distillation [81, 94, 165]. It is generally believed that CP does not affect the 
permeate flux in membrane distillation significantly because the impact of concentration on the 
feed vapor pressure is considered minimal. However, CP may facilitate salt crystallization at the 
membrane surface when the feed concentrations are close to the saturation limit of the dissolved 
salts [79]. The importance of accurately characterizing CP in MD has been emphasized recently 
[109] to improve understanding of MD systems and facilitate accurate prediction of their 
performance. 
In a previous section (Section 5), a non-intrusive laser-based spectrophotometric technique 
was developed to measure the concentration profile of salt near the membrane surface in a DCMD 
cell. This method was able to accurately characterize the concentration of solute near the 
membrane surface and was unaffected by temperature polarization and other operating parameters 
(i.e. flow rate, temperature, etc.). Nickel chloride (NiCl2) was used as a solute for the development 
of this technique due to its ability to absorb light in the visible range and also because the light 
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absorbance by NiCl2 exhibited an almost perfect linear correlation with a wide range of 
concentrations. The current study is aimed at probing the concentration profile near the membrane 
surface to directly evaluate the effect of feed concentration, flow rate and temperature on CP. The 
CP effect is generally estimated using semi-empirical heat transfer (i.e., Nusselt correlation) and 
mass transfer (i.e., Sherwood correlation) models without actually measuring the solute 
concentration profile. Because of the high spatial resolution of the method developed previously, 
it is now possible to investigate the validity of these models for estimating the CP effect. A Nusselt 
correlation was developed specifically for the membrane cell used in the DCMD setup. The 
Nusselt correlation was validated by comparing the permeate flux estimated by the model with 
that obtained from pure water DCMD tests at different operating conditions. Furthermore, the 
experimentally observed concentration profiles of solute near the membrane surface was compared 
to that predicted by the model and the effect of operating conditions on CP was assessed in this 
study. 
6.2 THEORY AND METHODOLOGY 
6.2.1 Experimental Setup 
The details of the counter current DCMD system with the optical setup and the experimental 
protocol for measurement of concentration profile have been discussed previously (Section 5). 
While the permeate channel of the membrane cell contained a spacer, feed channel was empty to 
facilitate passage of light across the channel. The extent of CP effect was studied in this work for 
nickel chloride (NiCl2) solutions with concentrations ranging from 5.4 to 54.5 g/l. Additionally, 
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the effect of feed temperature and flow rate on concentration profile was also studied in the 
temperature range of 40 to 60 oC and feed flow rate of 0.2 to 0.6 LPM (the corresponding range of 
feed velocity is 0.028 to 0.083 m/s).  
6.2.2 Developing a Nusselt correlation for the membrane cell: 
The importance of precisely characterizing convective heat transfer in membrane distillation has 
been addressed in several studies [94, 192]. Phattaranawik et al. proposed replacing the membrane 
in a MD cell with an impermeable membrane to determine the appropriate heat transfer correlation 
for the MD cell [77]. In their method, the experimental ‘overall heat transfer coefficient’ (Uexp), 
which is calculated from energy balance across the MD cell, is compared to the ‘overall heat 
transfer coefficient’ estimated using different Nusselt correlations (Ucorr) obtained from the 
literature. The Nusselt correlation that resulted in Ucorr values closest to the Uexp values is chosen 
as the best correlation that can be used to describe the convective heat transfer. However, as 
mentioned by Leitch et al. [192], this method may not be applicable for a wide range of 
experimental conditions because it assumes that a previously established Nusselt correlation can 
satisfactorily describe the heat transfer in the membrane cell. In this study, the idea of using an 
impermeable membrane was applied to develop the Nusselt correlations that can adequately 
estimate the heat transfer coefficient for the membrane cell. However, unlike the original 
Phattaranawik’s method, two Nusselt correlations had to be developed because the geometry of 
the feed (without spacer) and permeate (with spacer) channels in the MD cell used in this study 
were different. To develop a Nusselt correlation for the feed side, the spacer from the permeate 
channel was removed and the height of the permeate channel was adjusted to 5 mm (i.e., equal to 
the feed channel) by removing the shims. A 127 m thick impermeable PTFE membrane (thermal 
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conductivity = 0.25 W/m/K [159]) was inserted in the membrane cell and DI water was used as 
feed. A total of 16 tests at three different feed temperatures (i.e., 60, 50 and 40 oC) and fixed 
permeate temperature of 20 oC with identical Reynolds numbers in feed and permeate channels 
ranging from 200 to 1400 were performed in duplicate.  Identical tests were repeated to develop a 
Nusselt correlation for the permeate channel where spacers were inserted in both the feed and 
permeate channels and the height of both channels was adjusted to 1 mm using shims. The 
following procedure was used to obtain the Nusselt correlation for this study: 
a. The physical properties of the feed and permeate-side streams were calculated at the 
average (i.e., average of inlet and exit streams) bulk temperature [193]. 
b. The overall heat transfer coefficient was calculated using the experimental data by first 
calculating the rate of heat transfer (Q, Watts): 
 𝑄 = ?̇?𝑓 ∙ 𝐶𝑝  ∙ (𝑇𝑓,𝑖 − 𝑇𝑓,𝑜) =  ?̇?𝑝 ∙ 𝐶𝑝 ∙ (𝑇𝑝,𝑜 − 𝑇𝑝,𝑖)  (6.1) 
The overall heat transfer coefficient (U, W/m2/K) is calculated as:  
 𝑈 =
𝑄
𝐴∙[
(𝑇𝑓,𝑖−𝑇𝑝,𝑜)−(𝑇𝑓,𝑜−𝑇𝑝,𝑖)
𝑙𝑛(𝑇𝑓,𝑖−𝑇𝑝,𝑜)−𝑙𝑛(𝑇𝑓,𝑜−𝑇𝑝,𝑖)
]
  (6.2) 
where, ?̇?𝑓  and ?̇?𝑝 are the feed and permeate-side flow rates (kg/s), 𝐶𝑝 is the specific heat 
of water (i.e., 4180 J/kg/K), 𝑇𝑓,𝑖 and 𝑇𝑓,𝑜 are the feed inlet and exit temperatures (K), 
respectively, 𝑇𝑝,𝑜 𝑎𝑛𝑑 𝑇𝑝,𝑖 are the permeate inlet an exit temperatures (K), respectively and 
A is the membrane area (m2). 
c. The feed and permeate heat transfer coefficients were obtained from the following 
equation: 
 
1
𝑈
=
1
ℎ𝑓
+
1
𝑘′
′⁄
+
1
ℎ𝑝
  (6.3) 
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where, ℎ𝑓 and ℎ𝑝 are feed and permeate-side heat transfer coefficients (W/m
2/K), 𝑘′ is the 
thermal conductivity of the impermeable PTFE membrane (W/m/K) and ′ is the thickness 
of the impermeable PTFE membrane (m). Since both the feed and permeate sides had 
identical geometries and Reynolds number, the heat transfer coefficients were assumed to 
be equal on both sides. 
d. The Nusselt number (Nu) was calculated as follows: 
 𝑁𝑢 =  
ℎ∙𝑑ℎ
𝑘𝑓
  (6.4) 
where, ℎ is the heat transfer coefficient (W/m2/K) for either the feed (hf) or permeate side 
(hp), 𝑑ℎ is the hydraulic diameter of the channel (m), 𝑘𝑓 is the thermal conductivity of the 
fluid (W/m/K). 
e. Reynolds number (Re) and Prandtl number (Pr) were calculated as follows: 
𝑅𝑒 =  
𝑑ℎ ∙ 𝑣 ∙ 

       Pr =  
𝐶𝑝 ∙ 
𝑘𝑓
 
where, 𝑣 is the fluid velocity (m/s),  is the fluid density (kg/m3),  is the fluid viscosity 
(Pas). 
f. The following form of Nusselt correlation was used in this study: 
 𝑁𝑢 = 𝐴 ∙ 𝑅𝑒𝑏 ∙ 𝑃𝑟𝑐  (6.5) 
The Nusselt correlation was developed by plotting log(Nu/Prc) versus log(Reb) to obtain the values 
of A, b and c. In their study with hollow fiber DCMD, Bui et al. [99] varied the exponent ‘c’ 
between 0.30 and 1. The authors reported that a higher value of ‘c’ improves the linearity of the 
plot shown in Figure 6.1, but worsens the ability of the model to predict mass transfer in DCMD. 
The exponent value of 0.33 for Prandtl number has been used extensively for Nusselt correlations 
in the literature [77, 192, 194-196] and was used in this study.  
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Figure 6.1 shows the result of regression analysis to obtain the coefficient ‘A’ and the 
exponent ‘b’ for the Nusselt correlations for feed and permeate sides of the MD cell. As seen in 
the figure, a correlation coefficient of 0.899 and 0.936 were obtained for the linear plots for 5 mm 
channels without spacers and 1 mm channels with spacers, respectively. The constant and 
exponents obtained for the Nusselt correlation are listed in Table 6.1. 
 
Figure 6.1. Plots of log(Nu/Pr0.33) vs log(Re) for membrane cell when (a) feed and permeate channels were empty 
and the channel height was 5 mm and (b) feed and permeate channels contained spacers and the channel height was 
1 mm. 
 
Table 6.1. Values of constants for the semi-empirical Nusselt correlation (Eqn. 5). 
Channel height A b c R2 
5 mm, without spacer 0.2178 0.6981 0.33 0.899 
1 mm, with spacer 0.0064 1.1807 0.33 0.936 
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6.2.3 Model validation: 
Pure water DCMD tests were carried out using a hydrophobic PTFE membrane with a pore size 
of 0.2 m to validate the Nusselt correlations obtained for the membrane cell. The properties of 
the PTFE membrane are listed in Appendix A4. The permeate channel was adjusted to a channel 
height of 1mm and the spacer was added while the feed channel was used without a spacer with a 
channel height of 5 mm.  A model developed in previous study [160] was used to validate the 
Nusselt correlation. The procedure for estimating the permeate flux using this model is discussed 
in SI. For model validation, DCMD tests were carried out with pure water as feed while varying 
the feed temperature and feed and permeate flow rates. The details of the experimental conditions 
used for model validation are listed in Table A7 in the Appendix A4. Figure 6.2 compares the 
permeate flux obtained from the model with that obtained experimentally. As seen in this figure, 
the model prediction matches the experimentally observed permeate flux with a root mean square 
error of 7%. The model based on the Nu correlation with coefficients listed in Table 6.1 was 
therefore used for future calculations without any additional calibration. 
 
Figure 6.2. Comparison of model prediction with experimentally observed flux. 
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6.2.4 Boundary layer thickness and concentration polarization coefficient 
The effect of CP is generally represented by the concentration polarization coefficient (CPC), 
which is the ratio of concentration of solute at the feed-membrane interface (𝐶𝑚,𝑓) to the 
concentration of solute in the bulk feed stream (𝐶𝑏,𝑓) [81, 97, 190]. 
 𝐶𝑃𝐶 =
𝐶𝑚,𝑓
𝐶𝑏,𝑓
  (6.6) 
The concentration at the feed-membrane interface can be obtained using the film theory and 
Sherwood correlation [190, 197]. Mass transfer across a membrane can be calculated from a 
material balance according to [198]: 
 𝐽𝑠 = 𝐷 (
𝑑𝐶
𝑑𝑥
) +
𝐽𝐶

  (6.7) 
where, 𝐽𝑠 is the solute flux across the membrane (m/s), D is the solute diffusion coefficient (m
2/s), 
C is the solute concentration (g/l), x is the distance measured from the membrane surface (m), J is 
the solvent flux through the membrane (kg/m2/s),  is the density of the fluid (kg/m3). Due to the 
very high salt rejection in MD, the solute flux (𝐽𝑠) across the membrane is negligible (i.e., zero). 
Equation 6.7 can be used to obtain the concentration profile of solute within the boundary layer. 
The following boundary conditions apply:  
 𝐶 [𝑥 = 0] = 𝐶𝑚,𝑓  (6.8) 
 𝐶 [𝑥 = ] = 𝐶𝑏,𝑓  (6.9) 
where,  is the boundary layer thickness (BLT) (m). 
Integrating Equation 6.7 and using the boundary layer conditions (i.e., Equations 6.8 and 6.9) 
yields: 
 𝐶𝑚,𝑓 = 𝐶𝑏,𝑓 ∙ 𝑒𝑥𝑝 (
𝐽
𝐷
)  (6.10) 
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The boundary layer thickness () is unknown and can be estimated from the film-diffusion mass 
transfer coefficient, K (𝐾 = 𝐷 ⁄ ) that can be obtained from Sherwood correlation which is derived 
from the mass transfer and heat transfer (Nusselt correlation) analogy [81, 97, 198]. 
 𝑆ℎ = 𝐴 ∙ 𝑅𝑒𝑏 ∙ 𝑆𝑐𝑐  (6.11) 
The values of constants A, b and c are listed in Table 6.1. Sherwood number (Sh) and Schmidt 
number (Sc) were calculated as follows: 
𝑆ℎ =
𝐾𝑑ℎ
𝐷
             𝑆𝑐 =

𝐷
 
6.3 RESULTS AND DISCUSSION 
As mentioned above, NiCl2 was used as the solute to study the CP phenomenon in a DCMD cell. 
Figure 6.3 shows the variation in the concentration of NiCl2 near the membrane surface as 
measured by the optical system described previously (Section 5). This figure also shows the 
concentration profile predicted by the model discussed above. It should be noted that the physical-
chemical properties of NiCl2 solutions at varying temperature and concentration (i.e., viscosity, 
density, specific heat, thermal conductivity) were obtained from the literature [199-202] and were 
incorporated in the model. Because NiCl2 diffusion coefficient as a function of concentration and 
temperature is not readily available in the literature and because the diffusion coefficient does not 
vary significantly with concentration, a constant value of 1.05 x 10-9 m2/s [199, 203] was used in 
these calculations. The same approach of using a single value of the diffusion coefficient was 
previously used in modelling a reverse osmosis system [204]. Experimental conditions in Figure 
6.3 and in subsequent figures do not include information about the Reynolds number in feed and 
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permeate channels but include information about the flow rate (LPM) and fluid velocity (m/s).  
Such approach is adopted because the flow rate and fluid velocity remain constant irrespective of 
the feed concentration while the Reynolds number changes significantly due to changes in the 
viscosity and density of the fluid with solute concentration. However, the Reynolds number has 
been mentioned when discussing the results obtained at specific concentrations of feed.   
 
Figure 6.3. (a) Variation of NiCl2 concentration near the membrane surface at a feed flow rate of 0.5 LPM (i.e., v = 
0.07 m/s), permeate-side flow rate of 0.2 LPM (i.e., v = 0.22 m/s), feed temperature of 50 oC and permeate 
temperature of 20 oC. Bold lines denoted as ‘theo’ represent the concentration profile predicted by the 
mathematical model while the dotted lines represent the concentration profile measured using the optical setup. (b) 
Experimentally observed variation in CPC and BLT as a function of NiCl2 concentration in the feed. 
 
As seen in Figure 6.3, the concentration of solute is significantly higher at the feed-
membrane interface and the BLT increases substantially with increasing solute concentration. The 
theoretical model predicts minimal increase in the BLT at higher concentrations (i.e., BLT 
increased from 37.8 to 38.9 m when the feed concentration increased from 5.4 to 54.5 g/L), which 
is not even discernable in Figure 6.3(a). Although the theoretical model (Equation (6.10) predicts 
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an exponential increase in the concentration profile within the boundary layer [190, 197], the 
relationship shown in Figure 6.3(a) appears to be linear, which can be attributed to a very low 
permeate flux in the DCMD cell (i.e., higher value of permeate flux (J) in Eqn. 6.10 would result 
in a larger exponent and a typical exponential increase in solute concentration in the boundary 
layer). While the experimental data and model predictions follow a similar trend of concentration 
profile and BLT with changing feed concentration, the extent to which CP occurs is significantly 
under-predicted by the model. For example, the experimentally obtained 𝐶𝑚,𝑓 for a feed 
concentration of 54.5 g/l in Figure 3(a) is 78 g/l, whereas the value predicted by the model is 63 
g/l. This 19 % difference in the 𝐶𝑚,𝑓 estimate using the theoretical model is unexpectedly large 
considering that the Nusselt correlation (and Sherwood correlation) that was developed for the 
same membrane cell and operating conditions used in this study was used in the model. Figure 
6.3(b) shows experimentally measured CPC and BLT under the experimental conditions denoted 
in Figure 6.3 (a) at different solute concentrations. The error bars shown in Figure 6.3(b) represent 
the standard deviation for three replicates. As seen from this figure, the CPC is very high at low 
solute concentrations and decreases with an increase in the solute feed concentration. The BLT 
increases significantly at higher solute concentrations in the feed, whereas the theoretical model 
predicts almost no change in the BLT (i.e., increase from 37.8 to 38.9 m). It is important to note 
that the standard deviation of both CPC and BLT measured from three replicates are higher at low 
solute concentration and decreases at higher concentrations. While the reliability of results 
obtained using the optical system developed in this study improves at higher solute concentrations 
(i.e. ≥ 20 g/l), increasing the feed concentration beyond 100 g/l results in a significant increase in 
the signal to noise ratio and reduces measurement accuracy (Se). The feed solute concentration 
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was therefore limited to 54.5 g/l to accurately characterize the concentration profile as the 𝐶𝑚,𝑓 
was measured in excess of 80 g/l when the feed concentration was 54.5 g/l. 
Experimentally observed permeate flux as a function of NiCl2 concentration and feed 
temperature is shown in Figure 6.4. Feed temperature has a significant influence on permeate flux 
while the feed concentration has a minor impact. For instance, increasing the feed temperature 
from 40 to 50 oC at the feed concentration of 27 g/l increased the permeate flux from 8.1 to 16.6 
LMH (i.e., 105% increase). However, increasing the feed concentration from 0 to 54.5 g/l at the 
feed temperature of 50 oC decreased the permeate flux from 17.9 to 15.9 LMH (i.e., 7% decrease). 
Increasing the feed temperature has a much more pronounced impact on feed vapor pressure 
increase than vapor pressure depression caused by an increase in the feed solute concentration. 
Figure 6.5 shows the impact of temperature on CPC and BLT at different concentrations of NiCl2 
in the feed. As can be seen in this figure, experimentally determined CPC and BLT exhibited 
exponential changes with solute concentration and flattened as feed concentration approached the 
highest levels evaluated in this study. However, the theoretical model (Equations (6.10) and (6.11)) 
shows minimal dependence of CPC and BLT on the feed solute concentration. At a feed 
temperature of 50 oC, the theoretical model predicted a 2.5% decrease in CPC (i.e., from 1.19 to 
1.16) when the feed concentration increased from 5.4 to 54.5 g/l (i.e., 10-fold increase). However, 
experimentally determined CPC decreased by 25% (i.e., from 1.80 to 1.34) for the same increase 
in the feed concentration. Similar discrepancy between experimentally determined BLT and that 
calculated using a theoretical model is shown in Figure 6.5(b).  
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Figure 6.4. Permeate flux as a function of NiCl2 concentrations in the feed at feed temperatures of 40, 50 and oC. 
The permeate temperature was maintained at 20 oC, while the feed and permeate flow rates were 0.5 LPM (i.e, v = 
0.07 m/s) and 0.2 LPM (i.e., v = 0.22 m/s) respectively. 
 
Figure 6.5. Variation of (a) CPC and (b) BLT with NiCl2 concentration at a feed temperature of 40, 50 and 60 oC. 
Lines represent model prediction. Permeate temperature was maintained at 20 oC, while the feed and permeate flow 
rates were 0.5 LPM (i.e, v = 0.07 m/s) and 0.2 LPM (i.e., v = 0.22 m/s), respectively. 
 
As seen in Figure 6.5, the change in feed temperature from 40 to 50 oC had much lower 
impact on CPC and BLT when compared to the impact observed when the feed temperature 
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increased from 50 to 60 oC. At a feed concentration of 27 g/l for example, experimentally 
determined CPC changed very little when the feed temperature increased from 40 to 50 oC while 
it increased by 21% (i.e., from 1.42 to 1.73) when the feed temperature increased from 50 to 60 
oC. Similarly, the BLT increased by 15% (i.e., from 100 to 115 m) when the feed temperature 
increased from 40 to 50 oC while it increased by 65% (i.e., from 115 to 190 m) when the feed 
temperature increased from 50 to 60 oC. This pronounced impact of temperature on CPC and BLT 
at higher temperatures can be attributed to exponential dependence of permeate flux on feed 
temperature due to exponential dependence of water vapor pressure on temperature. Such behavior 
is also true for the permeate flux showed in Figure 6.4; permeate flux in the case of DI water (i.e., 
feed concentration of 0 g/l) increased by 8 LMH when the feed temperature increased from 40 to 
50 oC while it increased by 10.7 LMH when the feed temperature increased from 50 to 60 oC. The 
increase in permeate flux with an increase in feed temperature results in higher CPC and thicker 
boundary layer because more solute is transported towards the membrane where it is completely 
rejected and hence, more solute has to diffuse back to the bulk solution. 
The effect of feed flow rate on permeate flux at different NiCl2 concentrations in the feed 
is depicted in Figure 6.6. As the feed flow rate increased from 0.2 to 0.4 LPM, a slight increase in 
the permeate flux is observed. However, further increase in the feed flow rate has negligible impact 
on permeate flux. Such an asymptotic trend of flux with increasing feed flow rate has been 
observed previously and is attributed to the reducing polarization effects at higher feed flow rates 
[95, 119]. In addition, the effect of feed flow rate on flux is significantly lower when compared to 
the effect of feed temperature as increasing feed temperature directly affects the driving force 
whereas increasing feed flow rate just improves the efficiency of mass transfer by reducing the 
polarization effects [160, 205]. Figure 6.7 shows the influence of feed flow rate on the CPC and 
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BLT at different NiCl2 concentrations in the feed stream when all the other parameters (i.e., feed 
and permeate-side temperatures, permeate-side flow rate) were maintained the same between the 
tests. As can be seen in Figure 6.7(a) the CPC decreases with increasing feed solute concentration, 
which is similar to the results discussed in Figure 6.5(a). The CPC also decreases with increasing 
feed flow rate.  At a feed concentration of 54.5 g/l, experimentally determined CPC decreased by 
9% (i.e., 1.43 to 1.3) when the feed flow rate increased from 0.2 LPM (i.e., v = 0.028 m/s, Re = 
390) to 0.4 LPM (i.e., v = 0.056 m/s, Re = 780) while there was almost no effect when the feed 
flow rate was increased from 0.4 LPM to 0.6 LPM (i.e., at 0.6 LPM, v = 0.083 m/s and Re = 1150). 
In the same way, the BLT decreased by 26% (i.e., from 215 to 160 m) when the feed flow rate 
was increased from 0.2 to 0.4 LPM, while it only decreased by 15% (i.e., from 160 to 135 m) 
when the feed flow rate was increased from 0.4 to 0.6 LPM. The effect of feed flow rate on CPC 
and BLT is more pronounced when feed flow rate is increased from 0.2 to 0.4 LPM while little 
change in CPC and BLT is observed when the feed flow rate is increased from 0.4 to 0.6 LPM. 
This trend is similar to that observed in Figure 6.6 where the increase in feed flow rate from 0.2 to 
0.4 LPM affects permeate flux, but further increase in flow rate has little or no effect. As the feed 
flow rate increases, the higher Reynolds number leads to a much lesser boundary layer thickness 
as evident from Figure 6.7(b) which in turn results in a lower CPC. Increasing the feed flow rate 
leads to a slightly lesser BLT due to higher Reynolds number, whereas the higher permeate flux 
due to increased feed flow would mean that the BLT would be thicker. Hence, this effect may 
oppose the effect of Reynolds number on the boundary layer thickness as more solute has to diffuse 
back to the bulk and eventually, there would be a value of flow rate after which increasing the flow 
would has no effect on BLT.  In all cases, theoretical model under predicts the extent of CP at the 
feed-membrane interface. As shown in Figure 6.7, a significant discrepancy is observed between 
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the CPC and BLT predicted by the model and that observed in the optical experiments. For 
example, at a feed concentration of 27 g/l, the model underestimates CPC by 23% and BLT by 
64% when the feed flow rate is 0.2 LPM (i.e., v = 0.028 m/s, Re = 400). The CPC and BLT values 
vary drastically with feed concentration as well as with feed flow rate. However, the model predicts 
little or no change in CPC and BLT values as a function of feed concentration and feed flow rate. 
While the trends of experimentally measured CPC and BLT with varying feed concentration, 
temperature and flow rate in Figure 6.7 and Figure 6.5 are similar to that estimated by the model, 
the extent of CP is severely under-predicted for all experimental conditions evaluated in this study. 
 
Figure 6.6. Permeate flux as a function of NiCl2 concentrations at feed flow rates of 0.2, 0.4 and 0.6 LPM (v = 
0.028, 0.056 and 0.083 m/s, respectively). The feed and permeate-side temperatures were maintained at 50 and 20 
oC respectively, while the permeate-side flow rate was 0.1 LPM (v = 0.11 m/s). 
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Figure 6.7. Variation of (a) CPC and (b) BLT with NiCl2 concentration at feed flow rates of 0.2 LPM, 0.4 LPM and 
0.6 LPM (v = 0.028, 0.056 and 0.083 m/s respectively). Lines represent model prediction. Feed and permeate 
temperatures were 50 and 20 oC respectively, while the permeate flow rate was 0.1 LPM (v = 0.11 m/s). 
 
A slight increase in the solute concentration at the membrane surface should not have a 
major impact on the permeate flux because the mass transfer in MD is driven by the vapor pressure 
across the hydrophobic membrane. Several previous studies suggested that the effect of CP is 
negligible in an MD system [81, 94, 165]. Martínez-Díez et al. [81] studied the effect of 
temperature and concentration polarization in DCMD with sodium chloride concentrations up to 
1.67 moles/l (i.e., about 98 g/l). The authors reported that the salt concentration at the membrane 
surface can be up to 4% higher compared to the bulk concentration. According to their calculations, 
this 4% higher concentration would result in just 0.2 % decrease in the driving force. In the current 
work, nickel chloride exhibited up to 47% higher Cm,f when compared to Cb,f (i.e. CPC = 1.47) at 
the highest concentration studied (i.e. 54.5 g/l) which is significantly higher than that reported by 
Martínez-Díez et al. for sodium chloride. This is likely due to the higher diffusivity of sodium 
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chloride in water when compared to nickel chloride. Nickel chloride has a diffusivity of 1.05 x 10-
9 m2/s [199, 203] while that of sodium chloride is about 1.5 x 10-9 m2/s [206]. Therefore, sodium 
chloride diffuses about 45% faster than nickel chloride in water which results in a much faster 
diffusion of salt towards the bulk feed stream and hence a lower CPC is observed. The influence 
of high salt concentration on the mass transfer coefficient and permeate flux was analyzed by Yun 
et al [79].  The authors reported that the solute accumulated near the membrane surface in DCMD. 
The results from their study indicated that the salt concentration at the membrane surface reached 
saturation even when the bulk feed concentration was under the saturation limit. A previous study 
on DCMD with high salinity produced water also reported up to 30% higher concentration of 
solute at the membrane surface when compared to bulk concentration which resulted in a 10 % 
flux drop due to concentration polarization when the feed TDS was 270,000 mg/l [124]. CP 
becomes an important issue with regards to membrane fouling as well as flux decline when high 
salinity water is treated by using MD. Other applications of MD such as concentration of fruit 
juices can exhibit severe flux decline at high concentrations due to CP which arises as a result of 
high viscosity of the feed [207]. In such cases, it is important to accurately characterize CP to be 
able to account for flux decline as well as prevent membrane fouling and solute crystallization. As 
demonstrated in this study the current approach of using the parameters of heat transfer correlation 
(i.e. A, b and c from Nusselt correlation, Equation 6.5) to describe the mass transfer through the 
Sherwood correlation severely underestimates the effect of CP. An improved method of 
characterizing CPC and BLT is therefore required in order to accurately estimate these parameters. 
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6.4 CONCLUSIONS 
The concentration polarization phenomenon, which occurs in all membrane based separation 
processes, was evaluated in detail in this study focused on DCMD system using a novel 
experimental approach that allowed accurate measurement of solute concentration within the 
boundary layer. The experimental work was combined with theoretical model to understand the 
effect of feed concentration, hydrodynamic conditions and feed temperature on the extent of 
concentration polarization and the thickness of the boundary layer. It was found that increasing the 
feed temperature significantly increases the CPC and BLT, which is predominantly due to the 
increase in permeate flux at higher feed temperatures. A 20 oC increase in the feed temperature 
(i.e., from 40 to 60 oC) can lead to a 10 to 30% increase in the CPC and a 60 to 490% increase in 
the BLT when the feed concentration changes from 5.4 to 54.5 g/l respectively. The permeate flux 
increase leads to enhanced solute transport towards the membrane surface. Because the solute is 
completely rejected by the hydrophobic membrane, greater mass of solute has to diffuse back to 
the bulk solution, which results in higher solute concentration at the feed-membrane interface and 
a thicker boundary layer. Both CPC and BLT decrease with an increase in the feed flow rate (or 
feed velocity) that enhances mixing in the feed channel. A 0.4 LPM increase in feed flow rate (i.e, 
Re increase by about 200%) can lead to a 10 to 7% decrease in the CPC and a 65 to 37% decrease 
in the BLT when the feed concentration changes from 5.4 to 54.5 g/l respectively. On the other 
hand, increasing the solute concentration in the feed increases the solute concentration at the 
membrane surface and BLT due to greater mass of solute molecules in the feed stream. Overall, 
the feed temperature had the largest impact on concentration polarization followed by the feed 
flow rate and solute concentration. This finding should be considered when there is a possibility 
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of salt crystallization on the membrane surface (i.e., when the solute concentration if near the 
saturation limit). 
A Nusselt correlation was developed specifically for the DCMD module used in this study 
to investigate the validity of the conventional approach for estimating the CP effect that is based 
on the similarity of heat and mass transfer phenomena. The Nusselt correlation was validated by 
comparing the permeate flux estimated by the model with that obtained from DCMD tests with 
pure water conducted at different feed temperatures and flow rates. The parameters of the Nusselt 
correlation were then used for the Sherwood correlation to obtain the mass transfer coefficient and 
evaluate the BLT and CPC. In all the cases evaluated in this study (i.e., varying feed temperature, 
flow rate and solute concentration), general trends of the CPC and BLT calculated using the 
conventional modeling approach were similar with experimentally determined values. However, 
in all instances, the CPC and BLT were severely under predicted by the conventional approach. 
This drastic discrepancy in the model predictions and experimental observations prove that the 
conventional approach of using the correlation parameters from Nusselt heat transfer correlation 
for Sherwood mass transfer correlation is not a sound approach of estimating the extent of 
concentration polarization in DCMD system operated at high solute concentrations. Hence, a novel 
approach is required to understand the effect of concentration polarization and to estimate the CPC 
and BLT in these membrane systems. 
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7.0  SUMMARY AND CONCLUSIONS 
The overall goal of this work was to evaluate the feasibility of membrane distillation for 
desalination of high salinity brines with a focus on understanding the fundamentals of mass 
transfer in the process. The work described here was divided in to five parts: (1) Evaluate the 
performance of commercially available hydrophobic microfiltration membranes in a direct contact 
membrane distillation system for treating very high salinity (i.e., up to 300,000 mg/L total 
dissolved solids) produced water. This part also focused on studying the effect of membrane 
fouling when treating real produced water brines. (2) Assess the potential of direct contact 
membrane distillation for treatment of produced water generated during extraction of natural gas 
from unconventional (shale) reservoir by using waste heat from natural gas compressor stations as 
the source of thermal energy. (3) Emphasize the importance of recirculation in membrane 
distillation and demonstrate its impact on the energy consumption of MD. (4) Develop a novel 
spatially resolved non-intrusive spectrophotometric method developed to measure the 
concentration profile of solute near the membrane surface in a direct contact membrane distillation 
system. (5) Probe the concentration profile of solute and analyze the impact of operating 
parameters, such as feed concentration, hydrodynamic conditions and feed temperature, on the 
solute concentration profile in the boundary layer; examine the validity of the conventional 
approach of estimating boundary layer thickness and concentration polarization coefficient. 
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1. Chapter 2 aims to evaluate the potential of DCMD to treat very high salinity produced water 
from unconventional onshore natural gas extraction. Several commercially available 
hydrophobic membranes were screened by using pure water and produced water as feed in 
DCMD tests to identify those membranes with high permeability suitable for this challenging 
application. The MD coefficients for the membranes was evaluated using pure water tests and 
compared as a function of membrane properties. Several membranes with significantly higher 
MD coefficients than those previously reported in the literature were identified for MD 
application. PTFE membranes used in this study exhibited substantially higher flux than that 
reported before for feed waters with a fairly high TDS content. It was found that the properties 
of the membrane support layer (e.g., thickness and porosity) greatly influence the permeate 
flux and that highly porous support should be considered when selecting membranes for 
DCMD. 
All the membranes studied in this work exhibited excellent rejection of ions, including 
radioactive Ra226 and organic compounds. Temperature polarization was found to have a 
negligible effect on membrane performance for high salinity feed waters. However, 
concentration polarization was found to have a major impact on permeate flux at high salinities, 
which was previously neglected when analyzing MD performance. It was estimated that the 
concentration of solute during high salinity tests was about 30% higher at the membrane 
surface when compared to bulk concentration. This study also revealed that iron-based deposits 
formed on the membrane surface even with relatively low concentrations of iron in the feed. 
After further investigation, it was realized that iron-based deposits had a negligible impact on 
membrane performance even after 3 days of operation at an extremely high TDS of 300,000 
mg/l. The results obtained in this study indicate that DCMD can prove as a robust technology 
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for treatment of high salinity wastewaters to produce almost pure water with minimal 
membrane fouling. 
2. The work described in Chapter 3 aims at evaluating the potential of DCMD for treatment of 
produced water generated during extraction of natural gas from unconventional (shale) 
reservoirs by using waste heat from the exhaust stream from natural gas compressor station as 
the energy source to operate DCMD. Using fundamental heat and mass transfer equations and 
literature correlations, a mathematical model was developed in this study to predict the 
performance of large scale DCMD systems. The model was incorporated into ASPEN Plus 
platform and calibrated using the results of laboratory-scale studies. The concept of minimum 
temperature similar to that employed in the design of heat transfer equipment was employed 
in this work to obtain the optimum membrane area when several membrane modules are 
arranged in series. It was found that a minimum temperature difference of 10 oC between the 
feed and the permeate-side streams yielded an optimum membrane area for permeate flux 
across the membrane. Using sensitivity analysis, it was established that the heat recovery 
efficiency and permeate flux increase with an increase in the DCMD feed temperature, which 
reduces the specific thermal energy consumption of this treatment process. A plant scale 
DCMD system with optimum membrane area, external heat recovery, and utilizing waste heat 
from NG CS was evaluated for its potential to treat produced water in PA region of Marcellus 
Shale. In this case study, it was found that the amount of energy required to concentrate 
produced water in PA to 30% salinity was much lower than the amount of waste heat available 
from NG CS irrespective of the produced water salinity. This study offered evidence of the 
idea that DCMD can be operated by using waste heat and that NG CS has can be a huge source 
of untapped waste heat. 
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3. MD has low single pass water recovery, which necessitates feed recirculation to reach a desired 
overall water recovery. While feed recirculation increases turbulence in the feed channel to 
reduce polarization effects and membrane fouling, it also increases the thermal and electrical 
energy requirements of the system. Chapter 4 emphasizes the importance of recirculation in 
MD and demonstrates its impact on the energy consumption of MD, which can be an order of 
magnitude greater when compared with calculations based on a single pass recovery. MD 
literature lacks reporting of the recycle ratio and its impact on the overall energy consumption 
of this process. Hence, in this study, a simple approach was used to estimate the single pass 
water recovery and the recycle ratio in an MD system based on the evaporation efficiency to 
demonstrate the significance of recirculation on the overall energy consumption of a MD 
system. The results from this work suggested it is not possible to have a single pass recovery 
of more than 10%, even with 100% evaporation efficiency in MD and that feed recirculation 
would be required if higher water recovery is desired. The previously developed ASPEN Plus 
model which employed fundamental heat and mass transfer equations to simulate DCMD 
performance was used to evaluate the effect of feed recirculation on the energy demand of this 
system. This work demonstrates that concentrate recycling accounts for a significant fraction 
of thermal and electrical energy in MD system. For example, the required recycle ratio 
increases from 3 to 22 and the corresponding thermal energy requirements increases from 39 
to 256 kWh/m3 of feed when the water recovery is raised from 10 to 50% for a feed solution 
containing 100 g/L of sodium chloride. This change in the water recovery also corresponds to 
an increase in the electrical energy consumption from 0.14 to 1.05 kWh/ m3 of feed. This work 
also offers an evidence on the effect of feed salt concentration on the reduction in evaporation 
efficiency and single pass water recovery, which increases the recycle ratio required for a given 
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overall water recovery. A 10% water recovery using MD when the feed contains 100 g/L of 
dissolved salts has significantly lower energy requirements (58 kWh/m3 of feed and a recycle 
ratio of 4) than that when the feed contains 250 g/L of dissolved salts (90 kWh/m3 of feed and 
a recycle ratio of 8). It was also found that specific heat capacity of salt solution influenced the 
system performance as low salt concentration in the feed resulted in greater water evaporation 
for the same reduction in specific enthalpy or the same reduction in temperature. 
4. As discussed in Chapter 2, concentration polarization was found to have a major impact on 
permeate flux at high salinities of feed with up to 30% higher solute concentration at the 
membrane surface when compared to bulk. Hence, a novel method was developed for 
characterization of concentration polarization. Chapter 5 discusses how the novel technique 
was developed and demonstrates the successful operation of this technique. To realize the 
novel technique, a custom membrane cell was fabricated which allowed passage of light 
perpendicular to the feed flow and parallel to the membrane surface. A laser source with a 
wavelength of 670 nm was used to illuminate the feed channel in the membrane cell, while a 
linear CCD camera with 2048 pixels arranged in a single row was used to sense the absorption 
of light across the feed channel. The apparatus exhibited a spatial resolution of 4.5 μm. The 
workability of this technique was demonstrated by testing with nickel chloride solutions up to 
55 g/l. While the optical system developed in this work was limited to concentrations below 
100 g/L of salt concentration in the feed due to the high absorbance at high salt concentrations, 
the concentration gradient near the membrane surface was clearly visible for the results 
presented in this study. Statistical analysis was carried out to evaluate the influence of different 
operating conditions, namely temperature and flow rate, on the workability of the optical 
technique. Statistical analysis demonstrated that feed temperature and flow rate had a 
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negligible effect on the absorbance measurements by the optical setup and that the method 
described in this work can measure the concentration polarization coefficient and boundary 
layer thickness irrespective of temperature and flow rate. 
5. Chapter 6 focuses on probing the concentration gradient in DCMD and evaluating the effect 
of operating parameters such as feed temperature, flow rate and concentration on the 
concentration polarization effect. The experimental work was combined with theoretical model 
to understand the effect of feed concentration, hydrodynamic conditions and feed temperature 
on the extent of concentration polarization and the thickness of the boundary layer. Feed 
temperature was found to have a profound effect on concentration polarization, which is 
predominantly due to the increase in permeate flux at higher feed temperatures. A 20 oC 
increase in the feed temperature (i.e., from 40 to 60 oC) lead to a 10 to 30% increase in the 
(concentration polarization coefficient) CPC and a 60 to 490% increase in the (boundary layer 
thickness) BLT when the feed concentration changes from 5.4 to 54.5 g/l respectively. 
Increasing permeate flux due to increase in feed temperature leads to enhanced solute transport 
towards the membrane surface. As the solute is completely rejected in DCMD, greater mass of 
solute has to diffuse back to the bulk solution, which results in higher solute concentration at 
the feed-membrane interface and a thicker boundary layer. Feed flow rate (or feed velocity) 
lead to a decrease in both CPC and BLT. A 0.4 LPM increase in feed flow rate (i.e, Re increase 
by about 200%) lead to a 10 to 7% decrease in the CPC and a 65 to 37% decrease in the BLT 
when the feed concentration changes from 5.4 to 54.5 g/l respectively. In general, feed 
temperature was found to have the largest effect on concentration polarization followed by the 
feed flow rate and solute concentration.  
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Conventional approach of estimating the boundary layer thickness and solute concentration at 
the membrane surface was used to estimate the CPC and BLT. In this approach, a heat transfer 
correlation was developed specifically for the membrane cell and the operating conditions used 
in this work. The results from the experimental characterization of CPC and BLT were 
compared to the theoretically estimated values. In all the cases evaluated in this study (i.e., 
varying feed temperature, flow rate and solute concentration), general trends of the CPC and 
BLT calculated using the conventional modeling approach were similar with experimentally 
determined values. However, in all instances, the CPC and BLT were severely under predicted 
by the conventional approach. This drastic discrepancy in the model predictions and 
experimental observations demonstrate that the conventional approach of using the correlation 
parameters from Nusselt heat transfer correlation for Sherwood mass transfer correlation is not 
a sound approach of estimating the extent of concentration polarization in DCMD system 
operated at high solute concentrations. A novel approach is therefore required to truly 
understand the effect of concentration polarization and to estimate the CPC and BLT in these 
membrane systems. 
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8.0  OUTLOOK 
The research presented in this document helped address several questions with respect to 
energetics and fundamental understanding of membrane distillation while also challenging 
conventional approaches followed by the membrane-related studies. 
Chapter 2 discussed the viability of membrane distillation in desalination of high salinity 
brines generated from the oil and gas industry. It was demonstrated that MD can successfully 
desalinate produced water with minimal degradation of permeate quality and flux due to membrane 
fouling. The tests carried out in this chapter were limited to 3 days of continuous operation due to 
limited resources. In addition, the dependence of the membrane distillation coefficient on the 
properties of membrane active layer and support was also proven. While commercially available 
hydrophobic microfiltration membranes were used for MD application in this study, the 
membranes were not designed specifically for this application. Chapter 3 evaluated the potential 
of DCMD for treatment of produced water generated during extraction of natural gas from 
unconventional (shale) reservoirs by using waste heat from the exhaust stream from natural gas 
compressor station as the energy source to operate DCMD. The ASPEN Plus model used in this 
work was used to optimize the membrane area in a single module and the optimized membrane 
module was employed in a series parallel configuration to design a plant scale DCMD system. The 
model was then used for a case study to evaluate the energy requirements of DCMD for treating 
all produced water generated in the state of Pennsylvania by assuming that the produced water was 
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available at the same treatment facility. The ASPEN Plus model was also employed in Chapter 4 
to emphasize the importance of feed recirculation in MD on its thermal and electrical energy 
requirements.  
 
Based on the works described in Chapter 2, 3 and 4, studies focusing in the following direction 
would be beneficial for further developing membrane distillation and also evaluating its 
performance in the real world: 
• A study focused on developing a robust hydrophobic membrane specifically for MD 
applications by altering the porosity and thickness to maximize the MD coefficient and 
minimize the thermal conductivity would be an important step towards the advancement of 
membrane distillation. 
• Application of knowledge generated in Chapter 3 and 4 towards integration of membrane 
distillation with waste heat sources and evaluating the long term performance of a pilot scale 
membrane distillation system with real world high salinity brines would be truly beneficial in 
understanding the energetics, effects of membrane fouling and other challenges that the 
research community may have overlooked due to the small scale of testing. 
 
Chapter 5 was focused on development and demonstration of a novel technique for 
characterization of the concentration gradient at the feed-membrane interface due to concentration 
polarization. Chapter 6 aimed at probing the concentration gradient using the spectrophotometric 
method to evaluate the effect of operating conditions on the concentration gradient. An interesting 
discovery from this work was that the conventional approach of estimation of concentration 
polarization coefficient and boundary layer thickness did not match with experimentally obtained 
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results. Elucidating why the conventional approach does not work would be instrumental in 
understanding the fundamentals of mass transfer through a porous medium and developing a new 
approach towards accurately estimating the solute concentration at the membrane surface.  
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APPENDIX A 
A.1 SUPPORTING INFORMATION FOR CHAPTER 3 
Assumptions used in ASPEN Plus simulations 
1. The process is in a steady state. 
2. Heat energy lost to the surroundings is assumed to be negligible. 
3. Membrane wetting does not occur. 
4. Salt rejection is assumed to be 100%. 
5. For modelling the DCMD process, the tolerance for the relative difference between two 
subsequent iterations was 0.1%. 
6. As sodium chloride is the main constituent of the salts present in produced water, the 
simulations were carried out with sodium chloride as the dissolved salt.  
7. It is assumed that a plant scale system would be equipped with a pretreatment facility to 
remove the scale forming salts prior to treatment using DCMD. Hence, it was assumed that 
there will be no membrane fouling. 
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Figure A1. Schematic diagram of a series-parallel arrangement of DCMD modules. 
 
Table A1. Characteristics of membrane used for simulation 
Mean pore size 0.24 μm 
Thickness 
Total 148 ± 30 μm 
Active layer 60  ± 5 μm 
Water contact angle 149 ± 3 o 
Liquid entry pressure 15.5 ± 1.9 psi 
Porosity 60 ± 6.8 
Thermal conductivity 0.242 W/mK 
Membrane distillation 
coefficient 5.6 LMH/kPa 
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Table A2. Characteristics of spacer used for simulation 
Voidage 0.77 
Diameter of spacer filament 1.2 mm 
Spacer thickness 1.9 mm 
Spacer angle 90 o 
Mesh size 3.5 mm 
A.2 SUPPORTING INFORMATION FOR CHAPTER 4 
A.2.1 Material balance calculations used to determine the recycle ratio for a continuous 
direct contact membrane distillation system with a specified water recovery: 
 
Figure A2. Schematic diagram of a continuous MD system with recycle and purge streams. M represents mass flow 
rate whereas X represents the concentration of salt in each streams. 
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Variables: 
Mass flow rates (kg/s) = M1, M2, M3, M4, M5, M6 
Salt Concentration (g/l) = X1, X2, X3, X4, X5, X6 
Fresh feed,  M1= 1 kg/s 
   X1 = 100 g/kg  
Desired recovery = W % 
Single pass conversion = 𝑥 % (i.e., g of permeate/100g of feed) 
For stream 5, 
𝑀5 = (
𝑊
100
) × 𝑀1 
𝑋5 = 0 
For stream 6, 
𝑀6 = 𝑀1 − 𝑀5 
𝑋6 =
𝑀1 × 𝑋1
𝑀6
 
𝑋6 = 𝑋3 = 𝑋4 
For stream 2, 
𝑀2 = 𝑀1 + 𝑀4 
𝑋2 =
(𝑀1 × 𝑋1) + (𝑀4 × 𝑋4)
𝑀2
 
For stream 3, 
𝑀3 = (
100 − 𝑥
100
) × 𝑀2 
𝑋3 =
𝑀2 × 𝑋2
𝑀3
 
The recycle ratio, i.e. M4/M1, can be obtained by solving for M4 using the above set of equations. 
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A.2.2 Electrical energy requirements for pumping the recycle stream 
The electrical energy requirement for pumping the recycle stream was obtained from the following 
equation: 
𝐸 =
𝑄 × ∆𝑃
𝛼
 
where E is the electrical energy consumption, Q is the mass flow rate through the pump, ΔP is the 
pressure difference and α is the pump efficiency. The flow rate of recycle stream was obtained 
through ASPEN Plus simulations, while the ΔP and α were assumed to be 20 psi and 80% 
respectively. 
A.3 SUPPORTING INFORMATION FOR CHAPTER 5 
A.3.1 Statistical analysis - Variance between measurements at different pixel numbers 
Data in the feed bulk was recorded at 200 pixels that corresponds to a length of 900 m. The 
variation in the measurements at each of these 200 pixels was analyzed using ANOVA at fixed 
operating conditions of feed flow rate, temperature and bulk concentration. The response variable, 
i.e., absorbance in this case, was given as 𝑦𝑖𝑗𝑘𝑙, where, i = feed temperature (30, 40 and 50C), j = 
pixel number (1, 2, 3, ...., 200), k = feed flow rate (0.2, 0.4 and 0.6 LPM) and l = bulk feed 
concentration (5.4, 13.6, 27.3, 40.9 and 54.5 g/L). Table A3 shows the p values for pixel numbers 
at each of the fixed bulk feed concentrations calculated using multi-factor ANOVA. 
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Table A3. p values for pixel numbers calculated using ANOVA. 
Concentration (g/L) p values for pixel numbers 
5.5 0.99 
13.6 0.17 
27.3 0.28 
40.9 0.36 
54.6 0.05 
 
 All p values in Table A3 are greater than or equal to 0.05, thereby, indicating that the 
influence of pixel number on the measurement of absorbance values in the bulk feed was not 
significant (at a level of significance =  = 0.05). Figure A3 supports the validity of the ANOVA 
analysis, showing that the analyzed data follows the normal probability plot and that the residuals 
are randomly distributed. The maximum coefficient of variation (CV) measured for absorbance 
measurements with varying pixel numbers was 5.1% for temperature experiments and was 5.9% 
for flow rate experiments. 
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(a)
(b)
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(d)
(c) 
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Figure A3: Normal probability and residual plots from ANOVA analysis for feed concentrations of (a) 5.4, (b) 13.6, 
(c) 27.3, (d) 40.9 and (e) 54.5 g/L. 
A.3.2 Statistical analysis - Variance between measurements at different feed temperatures 
and flow rates 
Effect of salt concentration on the absorbance is well established [208-210], however, it is 
important to determine the dependence and/or variation in the measurement of absorbance values 
with changes in feed temperature and flow rate. Multi-linear regression with interactions and 
indicator variables was used to test this variation. Two separate models were fitted: (1) fixed feed 
flow rate and varying bulk feed concentration and temperature to determine the variation caused 
by temperature and (2) fixed feed temperature and varying bulk feed concentration and flow rate 
(e)
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to determine the variation caused by flow rate. The following multi-linear regression model was 
fitted to the experimentally measured data: 
𝑦 =  𝛽0 +  𝛽1𝑥1 +  𝛽2𝑥2 + 𝛽3𝑥3 + 𝛽4𝑥1𝑥2 + 𝛽5𝑥1𝑥3+ ∈ 
where, 𝑦 is the response variable or absorbance in our case, 𝛽0, 𝛽1, 𝛽2, 𝛽3, 𝛽4 𝑎𝑛𝑑 𝛽5 are fitting 
constants, 𝑥1 is the bulk feed concentration (5.4, 13.6, 27.3, 40.9 and 54.5 g/L), 𝑥2 and 𝑥3 are 
indicator variables representing feed temperature or flow rate and ∈ is the error in measurement. 
Table A4 gives the values that the indicator variables assume for the feed temperatures and flow 
rates in their respective models. 
 
Table A4. Values of indicator variables for the respective cases of feed temperatures and flow rates. 
Feed temperature (C) Value of 𝒙𝟐 Value of 𝒙𝟑 
40 0 0 
50 1 0 
60 0 1 
 
Feed flow rate (LPM) Value of 𝒙𝟐 Value of 𝒙𝟑 
0.2 0 0 
0.4 1 0 
0.6 0 1 
 
The null hypothesis was tested to check the dependence of absorbance values on feed 
temperature and feed flow rate and also on their respective interactions with bulk feed 
concentration. In all cases, the p values were < 0.001 indicating the both feed temperature and flow 
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rate significantly affected the measurement of absorbance values using our developed technique. 
The regression equations obtained are as follows: 
For feed temperature dependence:  
𝑦 = 0.02235 + 0.02097𝑥1 − 0.00862 𝑥2 +  0.01178 𝑥3 − 0.00025 𝑥1𝑥2 − 0.00052 𝑥1𝑥3 
For feed flow rate dependence: 
𝑦 = 0.02235 + 0.01980𝑥1 − 0.03735 𝑥2 +  0.00219 𝑥3 + 0.00089 𝑥1𝑥2 − 0.00118 𝑥1𝑥3 
However, when the raw data was plotted to check the dependence of the measured absorbance 
values as a function of feed temperature and feed flow rate, a complete random behavior was 
determined. Figure A4(a) and (b) show randomly picked absorbance values for 5 pixel numbers at 
fixed bulk feed concentration but varying feed temperature and flow rate respectively.  
 
Figure A4. Randomly picked absorbance values when the feed concentration was 54.5 g/l at (a) varying feed 
temperature and (b) varying feed flow rates. 
Hence, in this study, the effect of feed temperature and flow rate will be regarded as completely 
random and bulk feed concentration will be considered as the only factor affecting the 
measurement of absorbance values. Nevertheless, the maximum coefficient of variation (CV) 
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introduced by changing feed temperature was 3.62% and that by changing feed flow rate was 
7.63%. Table A5 shows the coefficient of variation values for measurement of absorbance values 
with varying feed temperature and flow rate at each of the five respective bulk feed concentrations.  
 
Table A5: Coefficient of variation in the measurement of absorbance values. 
Bulk feed concentration (g/L) CV for feed temperature CV for feed flow rate 
10 3.62% 7.54% 
25 2.90% 4.22% 
50 0.533% 1.08% 
75 1.22% 1.86% 
100 1.04% 7.63% 
A.3.3 UV-Vis absorption spectra of metal salts  
 
Figure A5. UV-Vis absorption spectra for (a) copper chloride and (b) cobalt chloride at different concentrations. 
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A.4 SUPPORTING INFORMATION FOR CHAPTER 6 
Table A6. Membrane Properties [124] 
Pore 
size 
(m) 
Thickness (m) 
Contact 
angle 
(active 
layer) 
LEP 
(psi) 
% Porosity of 
membrane 
Thermal 
Conductivity 
(W/mK) 
MD 
coefficient 
(LMH/kPa) Total 
Active 
layer 
Bulk 
Active 
layer 
0.21 112 20 142 40.3 42 92 0.294 4.4 
 
Table A7. Experimental conditions used for validating the Nusselt correlations with pure water as feed. 
Feed flow (LPM), 
[velocity (m/s)] 
Permeate flow (LPM), 
[velocity (m/s)] 
Feed 
temperature (oC) 
Permeate 
temperature (oC) 
Flux 
(LMH) 
0.5 [0.069] 0.2 [0.22] 60 20 25.9 
0.5 [0.069] 0.2 [0.22] 50 20 17.1 
0.5 [0.069] 0.2 [0.22] 40 20 7.9 
0.2 [0.028] 0.1 [0.11] 50 20 11.3 
0.4 [0.056] 0.1 [0.11] 50 20 14.4 
0.6 [0.083] 0.1 [0.11] 50 20 15 
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